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 ABSTRACT 
Reverse osmosis (RO) and nanofiltration (NF) membranes are pressure driven, diffusion 
controlled process. The influence of surface characteristics on membrane process performance is 
considered significant and is not well understood. Current mass transport models generally 
assume constant mass transfer coefficients (MTCs) based on a homogeneous surface. This work 
evaluated mass transfer processes by incorporating surface morphology into a diffusion-based 
model assuming MTCs are dependent on the thickness variation of the membrane’s active layer. 
To mathematically create such a surface layer, Gaussian random vectors embedded in a software 
system (MATLAB) were used to generate a three-dimensional ridge and valley active layer 
morphologies.  A “SMOOTH” script was incorporated to reduce the influence of outlying data 
and make the hypothetical surfaces visually comparable to the AFM images. A non-
homogeneous solution diffusion model (NHDM) was then developed to account for surface 
variations in the active layer. Concentration polarization (CP) is also affected by this non-
homogeneous surface property; therefore, the NHDM was modified by incorporating the CP 
factor. In addition, recent studies have shown that the membrane surface morphology influences 
colloidal fouling behavior of RO and NF membranes. With consideration of the spatial variation 
of the cake thickness along the membranes, a fouling model was established by assuming cake 
growth is proportional to the localized permeate flow. Flux decline was assumed to be controlled 
by the resistance of cake growth and accumulated particle back diffusion at the membrane 
surface. 
A series of simulations were performed using operating parameters and water qualities 
data collected from a full-scale brackish water reverse osmosis membrane water treatment plant. 
The membrane channel was divided into a thousand uniform slices and the water qualities were 
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 determined locally through a finite difference approach. Prediction of the total dissolved solid 
(TDS) permeate concentration using the model was found to be accurate within 5% to 15% as an 
average percentage of difference (APD) using the NHDM developed in this research work. A 
comparison of the NHDM and the modified NHDM for concentration polarization (CP) with the 
commonly accepted homogeneous solution diffusion model (HSDM) using pilot-scale brackish 
water RO operating data indicated that the NHDM is more accurate when the solute 
concentration in the feed stream is low, while the NHDMCP appears to be more predictive of 
permeate concentration when considering high solute feed concentration. Simulation results 
indicated that surface morphology affects the water qualities in the permeate stream. Higher salt 
passage was expected to occur at the valley areas when diffusion mass transfer would be greater 
than at the peaks where the thin-film membrane is thicker. A rough surface tends to increase the 
TDS accumulation on the valley areas, causing an enhanced osmotic pressure at the valleys of 
membrane. 
To evaluate the impact of surface morphology on RO and NF performance, fouling 
experiments were conducted using flat-sheet membrane and three different nanoparticles, which 
included SiO2, TiO2 and CeO2. In this study, the rate and extent of fouling was markedly 
influenced by membrane surface morphology. The atomic force microscopy (AFM) analysis 
revealed that the higher fouling rate of RO membranes compared to that of NF membranes is due 
to the inherent ridge-and-valley morphology of the RO membranes. This unique morphology 
increases the surface roughness, leading to particle accumulation in the valleys, causing a higher 
flux decline than in smoother membranes. Extended fouling experiments were conducted using 
one of the RO membranes to compare the effect of different particles on actual water. It was 
determined that membrane flux decline was not affected by particle type when the feed water 
iv 
 
 was laboratory grade water. On the other hand, membrane flux decline was affected by particle 
type when diluted seawater served as the feed water. It was found that CeO2 addition resulted in 
the least observable flux decline and fouling rate, followed by SiO2 and TiO2. Fouling 
simulation was conducted by fitting the monitored flux data into a cake growth rate model. The 
model was discretized by a finite difference method to incorporate the surface thickness variation. 
The ratio of cake growth term (𝑘1) and particle back diffusion term (𝑘2) was compared in 
between different RO and NF membranes. Results indicate that 𝑘2  was less significant for 
surfaces that exhibited a higher roughness. It was concluded that the valley areas of thin-film 
membrane surfaces have the ability to capture particles, limiting particle back diffusion. 
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 CHAPTER 1: INTRODUCTION 
 
1.1 Pressure Driven, Diffusion Controlled Mass Transfer Membrane Processes 
Reverse osmosis (RO) and nanofiltration (NF) membranes represent an important set of 
pressure driven processes for domestic and industrial water treatment (Zhao & Taylor, 2005; 
Jamal et al., 2004; Zhao et al., 2005). The relationship between solvent and solute mass transfer 
conditions of RO and NF membranes are complicated and not completely understood. In RO and 
NF membrane processes, solute permeation, or salt passage, is controlled by diffusion as a result 
of the concentration gradient across the membrane surface (Duranceau, 2009; Ramani, 1991). 
Mathematical models have been developed to predict permeate solute concentration assuming a 
constant mass transfer coefficient (MTC) based on a flat membrane surface. The governing 
theory is based upon a mass transport differential equation expressed in terms of mass change 
per unit time and includes advection and diffusion terms; these models are solved using either a 
dynamic or steady-state assumption. Models that include the dynamic assumption describe the 
solute concentration as a function of operating time and space, and the mass transport equation is 
solved numerically (Jamal et al., 2004; Absar & Belhamiti, 2010; Cheddie et al., 2010). The 
steady state assumption represents a simpler approach and assumes laminar flow conditions 
whereby allowing the mass transport equation to be solved analytically (Zhao & Taylor, 2005; 
Zhao et al., 2005; Spiegler & Kedem, 1996). Other approaches integrate dimensional analysis 
into the mass transport equation to take into account different hydraulic flow conditions (Park et 
al., 2009; Gekas & Hallstorm, 1987; Gekas & Hallstorm, 1988; Li et al., 2002).  
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 The majority of RO and NF membranes are manufactured in a spiral-wound 
configuration using thin-film composite (TFC) technologies. Studies have shown that TFC 
membranes consist of three layers:  a microscopically-thin active polyamide layer surface, a 
microporous polysulfone backing layer, and a polyester support layer. The polysulfone and 
polyester layers serve to support the thin-film membrane while the polyamide layer is the portion 
of the composite actively participating in the rejection of dissolved solutes (Avlonitis et al., 2011; 
Yip et al., 2010). There have been many studies in which the relationship between the surface 
structure and membrane permeability has been examined. Ghiu explored solute permeability in 
RO membranes and identified that membrane performance was impacted by surface properties 
(Ghiu et al., 2002). Bason and coworkers investigated ion exclusion mechanisms in the 
polyamide layer of membranes. They concluded that the film did not behave as an ideal planar 
homogeneous layer. Observations regarding ion transport were in disagreement with the 
idealized model, which assumed a uniform structure of the thin film (Bason et al., 2007). 
Mendret developed a theoretical model to predict growth of solid deposits on a non-uniform 
permeable membrane (Mendret et al., 2010). Zhao and Taylor investigated the impact of 
membrane surface properties and natural organic matter on membrane performance (Zhao et al., 
2005). With the application of atomic force microscopy (AFM), membrane surface 
characteristics such as surface morphology, pore sizes, and surface porosity can be determined 
and correlated to membrane performance. The AFM images presented in the work of Vrijerhoek 
depict membrane surfaces as having an elevated ridge and depressed valley morphology. They 
concluded the fouling behavior was related to the degree of surface roughness (Vrijerhoek et al., 
2001). Elimelech compared surface morphology of cellulose acetate RO membranes and 
composite polyamide RO membranes by AFM and scanning electron microscope (SEM) images 
2 
 
 and concluded the higher fouling rate for the thin film composite (TFC) membranes is attributed 
to the degree of surface roughness (Elimelech at al., 1997). These studies suggested that 
membrane permeability was indeed affected by the surface morphology. 
Concentration polarization affects permeability in spiral-wound membranes where water 
flows tangentially to the membrane surface. As water selectively permeates the membrane, the 
retained solutes accumulate at the membrane-solution interface. Thus a concentration gradient 
between the solution at the bulk and the membrane surface is established which results in the 
back diffusion of the solute accumulated at the membrane surface. This phenomenon is referred 
to as concentration polarization. In RO and NF membrane processes, concentration polarization 
leads to an increase in the osmotic pressure which is directly related to the solute concentration at 
the membrane surface. At constant applied hydrostatic pressure, the increase in osmotic pressure 
will cause a decrease in permeate flux. The problem of concentration polarization at the 
membrane surface has been investigated by Brain, Marina, and Bourchard (Brain, 1965; Marinas 
et al., 1996; Bouchard et al., 1995). They used different approaches using the finite element 
method to model the effect of concentration polarization on membrane permeability with laminar 
flow in a rectangular channel. Variable flux and incomplete salt rejection were considered when 
predicting the concentration polarization effect in these studies. 
However, less research has been conducted that considers the influence of surface 
morphology on predicting the concentration polarization effect. Diffusive transport is significant 
near the membrane where concentration polarization boundary layers develop, whereas diffusive 
transport of smaller species in the bulk flow (outside the boundary layers) is generally negligible. 
In laminar cross-flow filtration, the transport of larger particles from the bulk into the boundary 
layer may be affected by interactions between particles and the fluid flow relatively far from the 
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 membrane surface. In particular, inertial lift arising from nonlinear interactions of particles with 
the surrounding flow field that may offset the drag force on particles associated with the flow of 
permeate across the membrane. The model described in this study is based on diffusion and 
hence takes into account particle interaction in the diffusive layer where concentration 
polarization is anticipated to exist. It is proposed in this work that the surface morphology affects 
the retained solute concentration accumulating on the membrane film, thereby affecting permeate 
mass transfer. 
1.2 Consideration of Nanoparticle Accumulation on Membrane Processes 
As commonly known, we use the name “nanomaterial” to describe a material or a 
composition built from nanoparticles. Nanoparticles have been demonstrated to have remarkable 
adsorptive and catalytic properties. Enhancement in their reactivity can be attributed to very high 
surface areas, unique morphology (many corner and edge sites), large porosities, and small 
crystallite sizes. Reactive nanoparticles of metal oxides such as titanium oxide, zinc oxide and 
cerium oxide exhibit remarkable abilities to reduce threats of highly toxic substances in water 
(Maness et al., 1999). They are effective at neutralizing a wide range of acids and toxic industrial 
chemicals with the added capability to mitigate chemical warfare agents. These materials may 
offer a substantial reactivity and capacity that is advantageous over competitive technologies, 
such as activated carbon. Depending on the need, the particles can be utilized in a dry powder, 
granular, slurry form, as well as incorporated within the membranes, which can result in an 
enhanced membrane surface that, when illuminated with UV light, kills microorganism, 
chemically oxidizes organics and mitigates organic and biofouling on the membrane surface. 
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 Anatase TiO2 has both bactericidal and detoxifying (endotoxin generated by E.Coli) capabilities 
(Sunada et al., 1998). 
Coating nanoparticles on membrane surfaces has shown improvement in fouling 
mitigation. Preliminary work by the University of Central Florida (UCF) (Seal et al., 2006) 
indicated that the surface engineering of membranes using TiO2 nanoparticles could be 
accomplished successfully by coating them onto a commercially available brackish membrane 
film (BW30LE from Dow-Filmtec). The coated film had different surface characteristic relative 
to the uncoated films in that the coated film was more hydrophilic, rougher and had a more 
neutral (less negative surface charge) than the uncoated film.  The water mass transfer 
characteristics of the film were increased by TiO2 coating. However, there was no significant 
difference in solute mass transfer between the TiO2 coated and uncoated films as determined by 
flat sheet testing using distilled water (DI) and a single (local) surface water matrix.   
Depending on the need, the particles can be utilized in a dry powder, granular or slurry 
form, as well as incorporated within the membranes, which will result in an enhanced membrane 
surface that kills microorganism, chemically oxidizes organics and mitigates organic and 
biofouling on the membrane surface.  However, the associated cost and the potential of 
secondary fouling hinder this technology application in industry. To investigate this issue, 
several fouling experiments were conducted in this study. 
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 1.3 Objective  
The objective of this study was to develop a new simulation method to evaluate the  
impact of membrane surface morphology on mass transport and concentration polarization effect. 
In this work it is assumed that the mass permeating the membrane is not homogeneously diffused 
but varies with the localized thickness. Concentration polarization can be affected by the non-
uniform film, leading to a non-homogeneous diffusion within the concentration polarization 
layer. A simulation was performed using full-scale RO process data collected from the city of 
Sarasota, Florida, water treatment plant. For model development, the entire membrane channel is 
discretized into small slices with uniform size, then the localized surface thickness is 
incorporated into the model to determine the water qualities at each slice using a finite difference 
method. Finally, model validation is performed by comparing the actual salt permeate 
concentration to the prediction results. 
The second objective of this study was to develop new mathematical models describing 
solute and solvent mass transfer. Specifically, a non-homogeneous solution diffusion model 
(NHDM), based on the HSDM, was considered for development. The NHDM was further 
modified by incorporating the concentration polarization (CP) effect to take into account particle 
interaction in the diffusive layer where concentration polarization would be anticipated to exist. 
The NHDM, NHDMCP and the HSDM were assessed and compared using pilot plant data 
collected from the City of Sarasota’s RO process in Sarasota, Florida. To achieve this goal, 
topographic surface morphologies of commercial RO membranes were incorporated into a 
diffusion-based model developed to account for variations in the membrane active-layer 
thickness. It was reasoned that a higher degree of salt passage is experienced in the depressed 
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 valley portions of the membrane where the active layer is the thinnest and activation energies are 
the lowest. The numerical investigations performed in this work, along with model development, 
were accomplished with MATLAB Ver. 7.10.0 (2010). Both NHDM and NHDMCP are 
modified versions of the HSDM, where the basic HSDM assumes a uniform and flat membrane 
surface and constant MTCs.  
In addition to the modeling efforts, the fouling behavior of RO and NF membranes was 
studied using laboratory-scale equipment. The fouling studies focused on investigating the 
effects of three different nanoparticles of known make, quantity and size on differing membrane 
surfaces under similar experimental conditions. In this study, silicon oxide, titanium oxide, and 
cerium oxide were individually fed into the feed stream to a laboratory flat-sheet testing 
apparatus to investigate the relative impacts on membrane fouling behavior. It is postulated that 
certain sized nanoparticles having the same concentration could cause either more or less flux 
decline, where membrane surface properties play an important role in the flux decline rate. The 
work proposed in this document is intended to investigate the intrinsic mechanism of 
nanoparticle interaction with membrane surface properties and attempt to correlate to their 
fouling behavior. Besides fouling experiments, surface roughness, hydrophilicity, and surface 
charge were measured and analyzed to compare their effects on fouling behavior of different 
membranes under the testing conditions described herein.  
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 CHAPTER 2 LITERATURE REVIEW 
2.1 An Overview of Synthetic Membrane Processes 
  The use of synthetic membrane processes for the treatment of drinking water supplies has 
significantly increased over the last several decades because membrane processes can resolve 
technically complex, and at times, conflicting requirements related to compliance with multi-
contaminant regulations. Further, these processes can be used with disinfection processes that do 
not add by-products to finished water (Duranceau, 2000). Membrane separations are widely used 
to purify water of different qualities including brackish water, seawater and wastewater. Benefits 
of their use include demonstrated universal treatment capabilities for inorganic, organic and 
microbiological contaminants, and competitive cost (Duranceau and Taylor, 2010).   
Membrane processes having application to drinking water treatment are microfiltration 
(MF), ultrafiltration (UF), nanofiltration (NF) and reverse osmosis (RO) (Norberg, 2003). UF 
and MF are considered to be size exclusion controlled processes and are applied to remove 
colloidal particles, suspended solids, and bacteria, or may used for pretreatment for RO and NF 
(Duranceau and Taylor, 2011). On the other hand, RO and NF membranes are considered to be 
diffusion controlled processes (Zhao and Taylor, 2005) and have been employed in an increasing 
number of applications during the past two decades.  
RO and NF processes are capable of removing inorganic chemicals such as trace metals, 
salt, nitrate and sulfate, natural organic matter (NOM), synthetic organic compounds (SOCs), 
pathogens, and other contaminants except non-ionized gases (hydrogen sulfide and carbon 
dioxide, for example) that may be present in drinking water supplies. RO and NF have the 
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 capability for treating of a variety of source waters, such as brackish groundwater, surface water 
or sea water. RO and NF also provide effective removal of disinfection by-product (DBP) 
precursors prior to traditional chemical disinfection; consequently, RO and NF processes result 
in a treated water that does not produce significant quantities of the regulated DBPs, total 
trihalomethanes (THMs) and haloacetic acids (HAAs).  
Unfortunately, RO and NF membrane processes are susceptible to fouling, which inhibits 
the mass transfer through the synthetic membrane films that may result in increased operating 
pressure, cleaning frequency and overall operating cost. Therefore, efforts that study 
improvements in pretreatment, operation and use would be considered beneficial to the use of 
these technologies. For example, the development or modification of synthetic membranes that 
are resistant to fouling is an area of research that has continued in order to further improve 
membrane performance for drinking water treatment applications.  
In a typical membrane process, one stream enters the membrane element, and two 
streams exit. The entering stream is referred to as the feed stream. The streams exiting the 
membrane are the concentrate and permeate streams. A portion of the concentrate stream is 
sometimes recycled to the feed stream to increase cross-flow velocity and recovery. The different 
configurations RO and NF processes are shown in Figure 1   
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Figure 1: Configuration of reverse osmosis facilities in (a) a concentrate-staged 4x2x1 NF 
softening array; (b) a concentrate-stage 3x2 RO brackish desalting array, and (c) a two-pass 
permeate-staged RO seawater array. 
Source: Courtesy of the American Membrane Technology Association, Stuart, FL 
  
10 
 
 In multi-staged membrane processes systems the amount of pressure vessels decreases in 
each stage to maintain sufficient cross flow velocity in the feed-concentrate channel, and is 
referred to as concentrate-staged arrays (Duranceau & Taylor, 2011). However, in Figure 1 (C), 
the permeate stream from the first stage of membrane trains is fed to the second stage of 
membrane trains, and is referred to as permeate-staged arrays. 
The most common configuration of RO membrane is Spiral-wound (SW) and was 
designed for brackish and seawater application. SW elements are manufactured using flat-sheet 
membranes and are shown in Figure 2. The envelopes consist of flat sheets by folding one sheet 
over a permeate spacer. Each sheet has two layers, which are a nonporous active layer and a 
porous supporting layer. The envelops are then attached to a center tube that collects the 
permeate stream. “The glue line at the end of the fold stops the feed flow and allows the 
remaining pressure in the permeate stream to drive it through the membrane into the center 
collection tube.” (Duranceau & Taylor, 20110) 
The recovery in a SW element varies from 5 to 15 percent. The Reynolds number 
typically varies from 100 to 1,000 when the effect of the feed stream spacer can be negligible. 
The Reynolds number increases if the feed stream spacer creates additional turbulence. With a 
SW configuration, the membrane element can produce a more turbulent feed stream compared to 
that in a hollow fine fiber (HFF) configuration and leaves the membrane more easily accessible 
to cleaning solution. Due to hydraulic pressure loss in the membrane channel, the highest and 
lowest feed flow velocities occur at the entrance and exits of the element, respectively. The feed 
flow is most likely to produce chemical or biological fouling in the last elements in series, and 
physical fouling from particle deposition occurs mainly in the first elements in series (Duranceau 
& Taylor, 2011). 
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(a) 
 
(b)    (c) 
 
(d) 
Figure 2: Diagram of a Spiral Wound Reverse Osmosis Membrane in (a) open construction; (b) 
wound construction, (c) end construction, and (d) cut-away element view.  
Source: Courtesy of the American Membrane Technology Association, Stuart, FL 
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 2.2 Factors Affecting Synthetic Membrane Process Mass Transfer 
The several factors that affect mass transfer coefficients (MTCs) in pressure driven 
membrane processes include the materials of construction, surface characteristics, solute and 
solvent properties, and fouling. These factors were discussed in this section. 
 
2.2.1 Membrane Materials 
Membrane composition and characteristics are one of the more important factors 
affecting MTCs. Membrane rejection, permeability, stability, and chemical resistance of RO and 
NF membranes are highly dependent upon the type of material and how the membranes are 
manufactured (Rautenbach & Albrecht, 1989). There are many different types of membrane 
materials that have been used, with the most basic types involving various forms of modified 
natural cellulose acetate materials and a variety of synthetic materials. 
The two major types of commercial membranes used in today’s municipal markets 
include cellulose acetate (CA) and polyamide (PA) based membranes typically produced in 
spiral-wound configurations. CA membranes exhibit high tolerance to oxidants such as chlorine 
but are limited to a narrow feed pH range because of hydrolysis and microbiological degradation. 
PA membranes, on the other hand, are very sensitive to oxidants but are resistant to 
biodegradation and can be operated over a wide range of pH. Scanning electron microscope 
(SEM) and atomic-force microscope (AFM) images of the CA and PA membranes reveal that 
PA membranes exhibit large scale surface roughness of ridge-and-valley structure, while the CA 
membrane surface is relatively smooth (Elimelech et al., 1997). PA membranes are integrated 
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 into thin-film composite (TFC) structures from one or more materials and have active layer 
thicknesses ranging from 0.05-0.1μm as compared to 0.2μm for CA membranes, thus PA 
membranes are more energy efficient due to less resistance to mass transfer. 
 
2.2.2 Membrane Surface Characteristics 
Mass transfer has been correlated to membrane surface roughness, surface charge, and 
hydrophilicity. It is generally agreed that membranes possessing low surface roughness 
characteristics exhibit less particulate fouling than membranes with rough surfaces (Zhao and 
Taylor, 2005; Bae and Tak, 2005; Vrijenhoek et al., 2001). Reduced fouling will maintain water 
permeability resulting in less frequent cleaning. Zhao and Taylor investigated the impact of 
membrane surface properties on membrane performance (Zhao and Taylor, 2005), and showed 
that negatively charged membranes had higher permeability and organic and inorganic solute 
rejection. The work of Vrijerhoek, Hong, and Elimelech (2001) yielded valuable insights into 
membrane surface structures through atomic force microscopy (AFM) images of fouled 
membranes. These surface images revealed that membranes with a ridge-and-valley structure 
exhibited increased fouling rates than smoother membranes, which was attributed to “valley 
clogging”. 
Other studies showed that fouling behavior can be attributed to the inherent local 
variation in the chemical nature of the ridge-and-valley morphology at the PA membrane surface. 
Those variations can produce non-uniform distribution of surface charge and local variations in 
the hydrophobicity (Elimelech et al., 1997). Hirose and Ito found a positive linear relationship 
between RO membrane surface roughness and permeate flux. Surface charge also markedly 
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 influences the membrane rejection (Hirose et al., 1996). Childress and Elimelech investigated the 
zeta potential for RO and NF membranes and demonstrated that divalent cations more readily 
absorb into the membrane surface than divalent anions. They showed that ion rejection was 
directly related to the membrane pore charge and was believed to be attributed to co-ion 
electrostatic repulsion force (Childress and Elimelech, 1996). The research indicated that the 
determination of zeta potential of membrane surfaces is an important parameter to collect when 
conducting membrane fouling research. 
 
2.2.3 Solvent and Solute properties 
The driving force for solute passage on membrane surfaces is driven by diffusion. Fick’s 
first law indicates the solute flux is in terms of diffusivity, concentration differential, and the 
membrane thickness. Therefore, the solute concentration at the feed stream, solute characteristics, 
and membrane active layer thickness affect the MTCs. The solvent (water) flux is determined by 
the pressure difference across the membrane thin film. In order to obtain high permeate flux for 
RO and NF membrane processes, external pressure is applied to the feed stream prior to entering 
pressure vessels housing the membranes. Studies have been performed that show the impact of 
solute and solution chemistry on mass transfer. The solution ionic strength and pH can influence 
the permeate flux (Childress and Elimelech, 1996; Faibish and Elimelech, 1998). Membrane 
charge is influenced by divalent cations. Hong and Elimelech showed that membrane surface 
charge becomes less negative with increasing divalent cation concentration (Hong & Elimelech, 
1997). The decrease in the negative charge of the membrane was attributed to charge 
neutralization by divalent cations. It was observared that dissolved organic solutes such as 
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 natural organic matter (NOM) readily adsorb to the membrane surface or pores and affect the 
membrane charge. Membrane surface becomes more negatively charged in the presence of  these 
NOM such as humic acids (Childress and Elimelech, 1996; Hong. and Elimelech, 1997).  The 
increase in the negative charge is ascribed to adsorption of the humic acids to the membrane 
surface.  The adsorbed humic substances mask inherent membrane charge and dominate the 
surface charge of the membrane. 
 
2.2.4 Fouling 
In RO and NF membrane treatment processes, fouling  is one of the major issues of 
membrane performance deterioration. Many efforts have been made to reduce membrane 
fouluing by improving membrane properties, optimizing operational conditions and pertreating 
the feed water, however, fouling is still inevitable (Liikanen et al., 2002; Shaalan, 2003; Kim et 
al., 2003). As water flows across the membrane, it draws particles towards the membrane. If 
these particles do not pass through the membrane, they may begin to accumulate on or near its 
surface, leading to the formation of additional layers that increases resistance for water passage. 
Osmotic pressure is also an important factor that may reduce permeate flux as the result of the 
rejection of salts by the membrane. Genreally speaking, reductions in permeate flux due to the 
accumulation of materials on, in, or near the membrane are referred to as membrane fouling. 
Fouling of membranes can be described by four basic mechanisms: scaling (a result of sparingly 
soluble salt chemistry), plugging (due to particulate matter), sorption (of organic contaminants), 
and microbiological (biofouling)..  
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 Biofouling is a phenomenon of microbiological growth on the membrane surfaces which 
results from non-disinfected membrane films. These microorganisms have damaging, often 
irreversible effects on RO and NF membrane processes. Al-Ahmad states that biofouling has 
many negtive effects on the RO membrane systems such as flux decline, salt passage increase, 
and membrane biodegradation. In addition, biofouling is frequently encountered in RO systems 
operating with feed water above 25°C. Proper monitoring of the membrane process to detect the 
biofilm formation at its early stage is important (Al-Ahmad et al., 2000). Membrane fouling can 
significantly inhibit mass transfer of water through the membrane film, may require pressure 
increases, and can result in increased operating cost. Biofouling can be mitigated by adding 
biocide, which is commonly NH2Cl, or removing the nutrients from the influent water, which 
may be impractical.  
Scaling occurs when RO and NF membranes reject ions from the permeate stream and 
concentrate the ions in the bulk flow. The limiting salts precipitation on the membrane surfaces 
can result in scaling. Scaling can be controlled by regulation of recovery and chemical addition 
as backwash. Most dissolved species achieve higher concentrations near the membrane surface 
in a flowing concentration boundary layer referred to as the concentration polarization (CP) layer. 
CP is often a precursor to cake or gel formation. Elevated concentrations near the membrane 
resulting from the rejection of and subsequent CP of these materials tend to exacerbate 
membrane fouling. CP further increases rejected salt concentrations near the membrane and 
exacerbates the tendency to form a scale. S. Lee invesitigated the influence of collodial fouling 
and concentration factor on salt rejection of RO and NF membranes using a bench scale 
crossflow filtration unit. He observed for feed water containing colloidal particles, the salt 
rejection for both RO and NF membranes decreased continuously as fouling progresses with 
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 severe flux decline. However, salt rejection was not affected by a declined flux if using a 
particle-free feed salt soultion. He concluded the decrease in salt rejection is due to the enhanced 
concentration polarization within the colloidal cake layer as well as the reduced permeate flux 
resulting from the colloidal fouling (Lee et al., 2004).  
Plugging is another type of membrane fouling that occurs when the membrane pores are 
plugged by solid particles that become lodged in the pores of the membranes. Turbidity greater 
than 0.2 NTU should not be in the feed water to RO and NF membranes. Plugging can be 
controlled by pretreatment of feed waters to RO and NF membranes. Fouling from particle 
deposition occurs mainly in the first elements in series. 
Organic molecules can absorbe into the membrane surface and forming a secondary layer 
that eventually becomes impervious to the mass transport of water. Humic acids and other 
natually occuring organic materials can have a much greater effect on permeate flux than clays 
or other inorganic colloids. Sorption can also be controlled by coagulation or ultra/microfiltration 
pretreatment prior to becoming the ROand NF feed stream.  
 
2.3 Diffusion Models and Nanoparticle Considerations 
        There is general agreement among scholars that the solute mass transfer through RO and NF 
membranes is controlled by diffusion as a result of the concentration gradient across the 
membrane surface (Zhao and Taylor, 2005; Jamal and Khan, 2004; Duranceau, 2009). 
Researchers have invested much effort in seeking more accurate models to predict membrane 
performance. In most applications, the system equations were derived base on simplifications 
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 and assumptions, which result in limited practical application of these models. However, these 
models provide s basis for incorporation of more complicated and realistic scenarios. So far there 
is no universally accepted model for describing diffusion-controlled membrane process, but 
understanding the factors affecting membrane mass transfer will certainly help in developing a 
better predictive model.  
        There are many different theories and models describing mass transfer in diffusion-
controlled membrane processes, however, several fundamental principles or theories are used to 
develop most of these models. These are diffusion, film theory, mass and flow balance. Most of 
these models were developed based on lab scale tests. Due to the complexity of field condition, 
these models are limited by large scale practical application. 
 
2.3.1 Homogeneous solution diffusion model (HSDM) 
        The homogeneous solution diffusion model (HSDM) is one of the basic models describing 
mass transfer is a function of concentration gradient and pressure difference across the 
membrane film. The HSDM assumes a homogeneous feed steam and membrane surface and 
linearly correlated to the average feed concentration and system recovery. It is utilized to predict 
the permeate concentration, with a given solvent and solute MTC, overall recovery, trans-
membrane pressure and feed concentration over a single element. The HSDM final equation is 
given in Eq. (2.1) (Taylor & Jacob, 1996; Duranceau 1990) 
𝐶𝑝 = 𝑘𝑠𝐶𝑓
𝐹𝑤 �
2 − 2𝑅2 − 𝑅 � + 𝑘𝑠                                                                                                                           (2.1) 
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 Where: 
𝐶𝑝=Permeate concentration (M/L
3)                                                𝐹𝑤=Water flux (L
3/L2t) 
𝐶𝑓=Feed concentration (M/L
3)                                                       𝑘𝑠=Solute MTC (L/t) 
𝑅=Overall recovery 
       The solute membrane MTCs were found related to membrane feed water qualities and 
membrane properties. It can be theoretically determined by Fick’s first law described in Eq. (2.2) 
assuming a steady state within a thin film: 
𝑗 = −𝐷 𝑑𝑐
𝑑𝑧
                                                                                                                                                  (2.2) 
Duranceau developed a model correlating the solute MTCs to solute charge and 
molecular weight with a normal distribution (Duranceau, 1990; Duranceau and Taylor, 1993). 
Zhao investigated the influence of membrane surface properties and feed water qualities on 
solute MTCs. He found the MTCs increased with surface roughness and contact angle. Also the 
amount of natural organic matter (NOM) in the feed water positively affected the MTCs (Zhao et 
al., 2005).  
The HSDM has been modified by incorporating osmotic pressure in an integrated 
incremental model by Zhao (Zhao and Taylor, 2005). In this model, concentration increment 
along the membrane channel was demonstrated by finite units with respect to recovery. It 
considered the osmotic pressure increase as a result of enhanced salt concentration in the 
membrane channel. Duranceau described feed water quality as function of time and modified the 
HSDM to predict multi-stage membrane systems (Duranceau, 2009). Absar modified the 
diffusion model by comparing the effect of co-current and counter-current flow in the permeate 
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 stream. It was conclude the counter-current flow pattern especially in the concentrating process 
has a better efficiency (Absar & Belhamiti, 2010).  
 
2.3.2 Film theory model (FTM) 
        Film theory assumes concentration accumulation occurs at the membrane surface and there 
is a concentration gradient that exists between the membrane surface and the bulk flow. This 
concentration gradient results in Brownian back diffusion from the membrane surface into the 
bulk flow and this phenomenon in the membrane system is also known as concentration 
polarization. The thickness of the concentration boundary layer is related to the magnitudes of 
advection and diffusion movement of the solutes. Mathematically, the FTM is shown in Eq. (2.3) 
and has been solved in Eq. (2.4), which takes into account material balance (Sherwood et al., 
1965). A schematic diagram of FTM was shown in Figure 3. 
𝐽𝑖 = −𝐷𝑠 𝑑𝐶𝑑𝑥 + 𝐶𝑏𝐹𝑤                                                                                                                                 (2.3) 
�
𝐶𝑚 − 𝐶𝑝
𝐶𝑏 − 𝐶𝑝
� = 𝑒𝐹𝑤/𝑘𝑏                                                                                                                                   (2.4) 
Where: 
𝐽𝑖= Solute permeate flux 
𝐷𝑠= Diffusivity 
𝑥= Path length or film thickness 
𝐶𝑝= Solute concentration in the permeate 
𝐶𝑏= Solute concentration in the bulk 
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 𝐶𝑚= Solute concentration at the membrane surface 
𝐹𝑤= Water flux through the membrane 
𝑘𝑏 = 𝐷𝑠/𝑥= Back diffusion coefficient 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Figure 3: Film theory diagram 
 
If the permeate flux is mass transport limited and diffusion is Brownian, the back 
diffusivity for small colloids and macromolecules can be calculated from the Stokes-Einstein 
equation: 
𝐷𝑠 = 𝐾𝑇6𝜋𝜇𝑟𝑝                                                                                                                                                   (2.5)    
Where: 
K= Botzman constant 
T= Absolute temperature 
𝑟𝑝= Particle radius 
𝜇= Cross-flow velocity 
Another way to estimate the back diffusivity is to apply the Linton and Sherwood correlation. 
𝑆ℎ = 𝐴(𝑅𝑒)𝑎(𝑆𝑐)𝑏                                                                                                                                   (2.6) 
𝐶𝑏 
𝐶𝑚 
𝑥 
𝐷𝑠
𝑑𝐶
𝑑𝑥
 
𝐽𝑖 
𝐹𝑤𝐶𝑏 
𝐶𝑝 
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 Where: 
𝑅𝑒 = Reynolds number 𝜇𝑑ℎ
𝜈
 
𝑆𝑐 = Schmidt number 𝜈
𝐷𝑠
 
𝑆ℎ = Sherwood number 𝑘𝑑ℎ
𝐷𝑠
 
𝜇 = Cross flow velocity 
𝑑ℎ = Hydraulic diameter of the membrane element 
𝜈 = Kinematic viscosity 
𝑘 = mass transfer coefficient for back diffusion 
𝐷𝑠 = back diffusivity 
𝑎, 𝑏 = depends on flow pattern (e.g., laminar or turbulent) 
        Film theory is an exponential diffusion model that incorporates concentration polarization. 
It has been demonstrated as a more accurate model than HSDM in prediction of permeate water 
quality under varying operating condition.  The HSDM was modified by Sung by incorporating a 
film-theory factor (eFw/kb) to take into account the concentration polarization. The permeate 
solute concentration is expressed in Eq. (2.7). Note that 𝑘𝑠′  is the back mass transfer coefficient 
and is different from the mass transfer coefficient used in HSDM (Sung, 1993). 
𝐶𝑝 = 𝐶𝑓𝑘𝑠′𝑒𝐹𝑤/𝑘
𝑘𝑤(∆𝑝 − ∆𝜋)(2 − 2𝑅2 − 𝑅 ) + 𝑘𝑠′𝑒𝐹𝑤/𝑘                                                                                              (2.7) 
Film theory has also been applied to predict membrane fouling processes and explain cake-
enhanced osmotic pressure mechanism. The overall cake-hindered (back diffusion) mass transfer 
coefficient was derived from a one-dimensional convective-diffusive mass balance, and was 
integrated individually across the cake layer and the salt concentration boundary layer (Hoek & 
Elimelech, 2003). The result is shown in Eq. (2.8): 
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 𝑘∗ = [𝛿𝑐 � 1𝐷∗ − 1𝐷∞� + 1𝑘]−1                                                                                                                      (2.8)       
Where : 
𝑘∗ = Back diffusion mass transfer coefficient 
𝛿𝑐 = Cake thickness 
𝐷∗ = Back diffusivity 
𝐷∞ = Bulk diffusivity 
𝑘 = Solute mass transfer coefficient  
Mendret developed a model that considered two dimensional flow of a particle suspension in the 
membrane channel to investigate growth of a cake on a non-uniform permeability membrane 
(Mendret, et al., 2010). The overall mass transfer coefficient (𝑘𝑡) is in terms of the thickness of 
the computational domain over the corresponding permeability. 
𝑒𝑡
𝑘𝑡
= 𝑒𝑑
𝑘𝑑
+ 𝑒𝑚
𝑘𝑚
                                                                                                                                            (2.9) 
Where: 
𝑒𝑡, 𝑒𝑑, 𝑒𝑚 = The thickness of the porous sub-domain, deposit thickness, and the membrane 
thickness 
𝑘𝑑 ,𝑘𝑚 = Deposit permeability and the membrane permeability (mass transfer coefficient) 
 
        2.3.3 Fouling model 
        The conventional filtration theory for flow through porous media is known as Darcy’s law 
(Crittenden el at., 2012). Considering resistance in series, a fouling model was established by 
applying a resistance value to each component of membrane fouling. Note that each component 
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 contributes to hydraulic resistance and that they act independently from one another. Typical 
forms of the resistance-in-series model is shown in Eq. (2.10). The pore constriction resistance 
coefficient 𝜅𝑝 can be negligible for small pore membranes such as NF and RO. 
𝐽 = ∆𝑝
𝜇(𝜅𝑚 + 𝜅𝑐 + 𝜅𝑝)                                                                                                                            (2.10) 
Where: 
𝜅𝑚, 𝜅𝑐, 𝜅𝑝 = Resistance coefficient for membrane, cake layer, and pore constriction 
𝜇= Dynamic viscosity 
In bench scale studies, the cake layer resistance coefficient 𝜅𝑐  can be calculated using the 
Kozney equation for flow through a granular medium using monodisperse spherical latex particle 
(Crittenden el at., 2012). 
𝜅𝑐 = 36𝜅𝑘(1 − 𝜀)2𝛿𝑐𝜀3𝑑𝑝2                                                                                                                            (2.11) 
Where: 
𝜅𝑘 = Kozeny coefficient, unitless (typically 5) 
𝜀= Cake porosity, dimensionless 
𝛿𝑐 = Thickness of cake layer, m 
𝑑𝑝 = diameter of retained particles, m 
        The fundamental fouling model has been modified by Hoek by considering the effect of 
enhanced osmotic pressure. The osmotic pressure at the RO membrane active layer tends to be 
enhanced when a cake layer has been formed, depending on cake thickness and concentrate fluid 
salinity (Hoek, Elimelech, 2003). This phenomenon can be accounted for by incorporating the 
osmotic pressure difference ∆𝜋𝑚∗  in the basic filtration model, as follows: 
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 𝐽 = ∆𝑝 − ∆𝜋𝑚∗
𝜇(𝜅𝑚 + 𝜅𝑐)                                                                                                                                      (2.12) 
With a constant trans-membrane pressure (TMP), several filtration models have been developed 
to describe the fouling processes. These models relates the permeate flow (𝑄), peremrate volume 
(𝑉), the time (𝑡) with the filtration constants for each model (𝐾𝑏 ,𝐾𝑖,𝐾𝑠,𝐾𝑐 ), and the initial 
permeate flow (𝑄0). The mathematical expressions of these models and their assumptions are 
shown in Table 1 (Mohammadi et al., 2003). 
 
Table 1: Constant pressure filtration model 
Model Equation Assumption 
Complete blocking filtration 𝑄 = 𝑄0 − 𝐾𝑏𝑉 Particles are not superimposed on 
one another, the blocked surface area 
is proportional to the permeate 
volume 
Intermediate blocking filtration 1
𝑄
= 𝐾𝑖𝑡 + 1𝑄0 Particles can overlap each other, not every deposited particle block the 
pores 
Standard blocking filtration 
𝑄1/2 = 𝑄01/2 − (𝐾𝑠𝑉𝑄𝑜1/22 ) Particles are small enough to enter the pores, the decrease of pore volume is proportional to the 
permeate volume 
Cake filtration 1
𝑄
= 1
𝑄0
+ 𝐾𝑐𝑉 Particles are big enough to not enter the pores, and therefore forms a cake 
layer on the surface 
 
The applications of these models can be seen in many publications.  Lim investigated the fouling 
behavior of microfiltration membranes in activated sludge system. The results show that the 
main types of membrane fouling in this case were attributed to initial pore blocking (standard 
blocking filtration model) followed by cake formation (cake filtration model) (Lim & Bai, 2003). 
Bolton compared these four models in application to microfiltration and ultrafiltration of 
biological fluids, the conclusion is the combined cake filtration model and the complete blocking 
26 
 
 model resulted in the best fit of experimental data (Bolton et al., 2006). In a cross flow 
ultrafiltration experiment conducted by Tarabara, cake formation was investigated under variable 
particle size and solution ionic strength. The results revealed that in all cases, there is a dense 
layer of the colloidal deposit adjacent to the membrane with an abrupt transition to a much more 
porous layer near the membrane-suspension interface (Tarabara et al., 2004). This observation 
implies that different models should be considered at different phases of fouling.  
Other efforts have been explored to investigate the effects of transmembrane pressure, 
salt rejection, and the effect of cake-enhanced concentration polarization on the fouling behavior 
of different membranes. It was concluded the first three factors are more important in 
determining the cake deposition under most testing conditions (Sioutopoulos et al., 2010). 
 
        2.3.4 Nanoparticle consideration  
         Colloidal fouling of membranes is caused by different mechanisms. For RO, NF, and 
perhaps some tight UF membranes, colloidal fouling is caused by the particles accumulation on 
the membrane surface which is the so-called cake layer. This cake layer provides an extra 
hydraulic resistance to water permeate through the membrane and therefore reduces the water 
flux. For MF membranes, pore plugging is another factor that causes membrane fouling besides 
the particle accumulation on the surface. The extent of pore plugging and cake formation 
depends on the relative size of the particles compared to the membrane pores sizes (Belfort et al., 
1994).  
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 The Membrane surface characterization has been shown to affect the membrane 
performance as well as the fouling process. Colloidal fouling has been shown to related to the 
membrane surface roughness in RO and NF membrane processes in bench scale (Boussu et al., 
2007; Norberg et al., 2007; Zhu & Elimelech, 1997). Depending on the particle’s size, density, 
and membrane surface roughness, fouling may occur due to accumulation of particles on the 
membrane surface and resulting in a build-up of cake layer. An increase in particle concentration 
mostly leads to an increase in fouling, while smaller particles either causes more or less fouling 
compared to larger particles (Tarabara et al., 2004; Zhang and Song, 2000). In addition, the ionic 
strength of the solution is also an important factor that affects membrane fouling. As the ionic 
strength increases, the fouling potential increases as a result of the double layer compression 
formed around the colloids (Lee et al., 2005; Singh & Song, 2005; Lee at al., 2004). Despite the 
fouling potential of using nanoparticles, they have been used to modify membrane surface 
properties in order to enhance membrane performance and mitigate membrane fouling (Bae and 
Tak, 2005; Cao et al., 2006). The use of nanoparticles in membrane manufacturing allows for 
both a high degree of fouling control and the ability to produce a desirable membrane structure. 
Some researchers have tried to synthesize membranes with titanium oxide (TiO2) nanoparticles 
either trapped inside or deposited on the surface to modify the membrane surface roughness and 
hydrophobicity (Bae and Tak, 2005; Bae and Tak, 2005; Razmjou and Mansouri, 2010). 
Other attempts have been made using iron oxide to increase the membrane material 
permeability and fouling resistance (Jian and Yahui, 2006; Park and Choi, 2011; Karnik and 
Baumann, 2006;). However, the particle aggregation on the membrane active layer can cause 
pore clogging and is a significant limitation of this technology. It is commonly accepted that iron 
and manganese, in their oxidized states, are considered as foulants and can accelerate the 
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 degradation of the active membrane layer where silica is present (Duranceau and Taylor 2010). 
Therefore the applications of nanoparticle coatings are limited on ultrafiltration or microfiltration 
membranes that have larger pores sizes (Li and Xu, 2009; Cao and Ma, 2006; Harman and 
Koseoglu, 2010). Some studies reported that RO and NF membranes assembled with TiO2 
nanoparticles under ultraviolet (UV) light can create a self-cleaning membrane to minimize 
fouling (Madaeni and Ghaemi, 2007; Mansourpanah and Madaeni, 2009; Kwak and Kim, 2001). 
However, the cost associated with producing nanoscale particles and UV radiation currently 
hinder the application in the membrane industry.  
           Despite a variety application of silica and titanium oxide nanoparticles on membrane 
filtration experiments, less research has been carried out to investigate the potentiality of using 
cerium oxide nanoparticles (CeO2). CeO2 has been reported to have wide ranges of applications 
for solar cells, fuel cells, gas sensors, oxygen pumps, glass/ceramic application, and biomedical 
application (Gao et al., 2006; Patil et al., 2007). So it is certainly worth to study the application 
of CeO2 on membrane filtration processes. In order to characterize the particle deposited or 
coated membrane surface, the atomic force microscopy (AFM) has been demonstrated to be a 
useful tool.  Membrane surface characteristic such as surface morphology, pore sizes, surface 
porosity and so on can be determined and correlated to membrane performances. The AFM 
images presented in the work of Vrijerhoek and coworkers depict membrane surfaces as having 
an elevated ridge and depressed valley morphology. They concluded the fouling behavior was 
related to the degree of surface roughness (Vrijenhoek, 2001). However, incorporating the 
surface roughness into the diffusion models and evaluation of its impact has not been studied. 
Diffusive transport is significant near the membrane where boundary layers develop, whereas 
diffusive transport of smaller species in the bulk flow (outside the boundary layers) is generally 
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 negligible. However, in laminar cross-flow filtration, the transport of larger particles from the 
bulk into the boundary layer may be affected by interactions between particles and the fluid flow 
relatively far from the membrane surface. In particular, inertial lift arising from nonlinear 
interactions of particles with the surrounding flow field may offset the drag force on particles 
associated with the flow of permeate across the membranes.  
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 CHAPTER 3 MODEL DEVELOPMENT  
3.1 Model Development Based on Mass Transport Principles 
Many different theories and models attempt to describe mass transfer in diffusion-
controlled membrane processes (Zhao, 2004; Chen, 1999; Sung, 1993; Taylor and Jacobs, 1996). 
However, a few basic principles or theories are used to develop most of these models: convection, 
diffusion, film theory, and electroneutrality. These principles or theories could be used to group 
models into homogeneous diffusion models, exponential diffusion models, and coupling models. 
In the homogeneous diffusion model, most of the parameters such as cross flow velocity, salt 
concentration, applied pressure, and osmotic pressure are assumed to be constant through the 
membrane channel (Song et al., 2002). The schematic of an RO channel is shown in Figure 4. 
The simulation presented in this paper depicts varied flow and concentration profiles along the 
membrane channel, demonstrating a more practical method for use in full-scale applications. 
 
 
 
Figure 4: Schematic representation of a membrane channel 
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 3.1.1 Mass transport 
 The RO membrane process can be represented by a filtration channel with permeate 
channel on one side and a sealed side on the other. The entire channel can be divided into small 
uniform slices so the permeate flow rate (𝑄𝑝𝑖) and salt permeate concentration (𝐶𝑝𝑖), bulk flow 
rate (𝑄𝑖) and bulk flow concentration (𝐶𝑖) can be determined at each slice. The overall permeate 
concentration can be calculated with the mass transporting through the membrane divided by the 
permeate flow. The basic equations for model developing are shown in Eq. (3.1) – (3.5). The 
principles are mass balance, flow balance, and mass diffusion. The product water flux (𝐹𝑤𝑖) is 
determined by the net driven pressure (∆𝑝𝑖 − ∆𝜋𝑖) and correlated with a mass transfer coefficient 
(𝑘𝑤𝑖). The permeate salt flux is calculated by the concentration gradient across the membrane 
film multiplied by a mass transfer coefficient (𝑘𝑠𝑖 ). The uniform slice along the membrane 
channel is depicted in Figure 5. In this representation, concentration polarization results in a 
higher salt concentration on the membrane surface than the bulk flow, and leads to Brownian 
back diffusion from the membrane surface.  
 
 
 
 
 
Figure 5: Schematic representation of a computational slice of a membrane channel 
The computational boundary is taken from one uniform slice of the membrane channel, in which 
𝑖 denotes the computational iteration along the membrane channel. 
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 𝐹𝑤𝑖 = 𝑘𝑤𝑖(∆𝑝𝑖 − ∆𝜋𝑖) = 𝑄𝑝𝑖𝐴𝑖                                                                                                                 (3.1) 
𝐽𝑖 = 𝑘𝑠𝑖�𝐶𝑖 − 𝐶𝑝𝑖�                                                                                                                                     (3.2) 
𝑄𝑝𝑖 = 𝑄𝑖 − 𝑄𝑖+1 = −∆𝑄                                                                                                                         (3.3) 
𝑄𝑖𝐶𝑖 = 𝑄𝑝𝑖𝐶𝑝𝑖 + 𝑄𝑖+1𝐶𝑖+1                                                                                                                      (3.4) 
Combining Eq. (3.3) and (3.4), the relationship between 𝐶𝑖and 𝐶𝑝𝑖 can be derived as Eq. (3.5): 
𝐶𝑖 + ∆𝐶 = 𝐶𝑖 + 𝐶𝑝𝑖 ∆𝑄𝑄𝑖1 + ∆𝑄𝑄𝑖                                                                                                                            (3.5) 
Where ∆𝐶 is the concentration difference across the uniform slice in the bulk flow and  ∆𝑄 is the 
volumetric flow difference across the uniform slice in the bulk flow. 
Osmotic pressure is defined in Eq. (3.6): 
∆𝜋𝑖 = 𝑘𝑡�𝐶𝑖 − 𝐶𝑝𝑖�                                                                                                                                   (3.6) 
Where 𝑘𝑡 equals 0.01 ( 𝑝𝑠𝑖𝑚𝑔
𝐿
𝑇𝐷𝑆
) (ASTM Standard, D4516-65). The solute permeate concentration 
is equal to the permeate solute flux �𝑚𝑔
𝑠𝑓𝑑
� over the permeate water flux � 𝐿
𝑠𝑓𝑑
�. 
𝐶𝑝𝑖 = 𝐽𝑖𝐹𝑤𝑖                                                                                                                                                     (3.7) 
Approximating the net driven pressure (∆𝑝𝑖 − ∆𝜋𝑖) by assuming 𝑘𝑡𝐶𝑖 ≈ 𝑘𝑡�𝐶𝑖 − 𝐶𝑝𝑖�, permeate 
flow rate can be estimated with Eq. (3.8): 
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 𝑄𝑝𝑖 = 𝑘𝑤𝑖(∆𝑝𝑖 − 𝑘𝑡𝐶𝑖)𝐴𝑗                                                                                                                            (3.8) 
Combining Eq. (3.1), (3.2), (3.6), and (3.7), the solute concentration at each uniform slice within 
the membrane module can be derived as Eq. (3.9): 
𝐶𝑖 = 𝐶𝑝𝑖𝑘𝑤𝑖∆𝑝𝑘𝑠𝑖 − 𝐶𝑝𝑖𝑘𝑤𝑖𝑘𝑡𝐶𝑖𝑘𝑠𝑖 + 𝐶𝑝𝑖2 𝑘𝑤𝑖𝑘𝑡𝑘𝑠𝑖 + 𝐶𝑝𝑖                                                                                (3.9) 
Approximating Eq. (3.9) using 𝑘𝑤𝑖∆𝑝
𝑘𝑠𝑖
≫
𝑘𝑤𝑖𝑘𝑡
𝑘𝑠𝑖
, 𝐶𝑖 ≫ 𝐶𝑝𝑖 (Jamal et al., 2004), Eq. (3.9) can be 
simplified as: 
𝐶𝑝𝑖 = 𝐶𝑖1 + 𝑘𝑤𝑖∆𝑝𝑘𝑠𝑖 − 𝑘𝑤𝑖𝑘𝑡𝐶𝑖𝑘𝑠𝑖                                                                                                                 (3.10) 
Assuming: 
𝑎1 = 1 + 𝑘𝑤𝑖∆𝑝𝑖𝑘𝑠𝑖                                                                                                                             (3.11 − 𝑎) 
𝑎2 = 𝑘𝑤𝑖𝑘𝑡𝑘𝑠𝑖                                                                                                                                      (3.11 − 𝑏)  
The permeate concentration can be determined by Eq. (3.12): 
𝐶𝑝𝑖 = 𝐶𝑖𝑎1 − 𝑎2𝐶𝑖                                                                                                                                      (3.12) 
Therefore the solute permeate concentration can be found in terms of concentration at the bulk 
flow (𝐶𝑖), water and solute MTCs (𝑘𝑤𝑖, 𝑘𝑠𝑖), and the transmembrane pressure at each uniform 
slice. Substituting Eq. (3.12) into Eq. (3.5) and rearranging: 
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 ∆𝐶
𝐶𝑖
+ ∆𝑄
𝑄𝑖
+ ∆𝐶∆𝑄
𝐶𝑖𝑄𝑖
= ∆𝑄
𝑄𝑖(𝑎1 − 𝑎2𝐶𝑖)                                                                                                 (3.13) 
Approximating Eq. (3.13) using ∆𝐶∆𝑄
𝐶𝑖𝑄𝑖
≈ 0, Eq. (3.14) can be derived. 
∆𝐶
𝐶𝑖( 1𝑎1 − 𝑎2𝐶𝑖 − 1) = ∆𝑄𝑄𝑖                                                                                                                      (3.14) 
When the numerical solution of Eq. (3.14) is obtained by the finite difference method, the 
discrete transformation of Eq. (3.14) is: 
𝐶𝑖+1 = 𝑄𝑝𝑖𝑄𝑖 𝐶𝑖 �1 − 1𝑎1 − 𝑎2𝐶𝑖� + 𝐶𝑖                                                                                                   (3.15) 
𝑄𝑝𝑖 can be solved by Eq. (3.8) and 𝑄𝑖 can be calculated from cross flow velocity (𝑣𝑖) in the 
membrane channel. The cross flow velocity can be expressed in the following: 
𝑣𝑖 = 𝑄𝑖𝑊𝐻                                                                                                                                                   (3.16) 
Where 𝑊 is the membrane element width and 𝐻 is the channel height. As feed flow travels in the 
membrane channel, transmembrane pressure decreases due the hydraulic head loss. The 
transmembrane pressure profile in the membrane channel can be described by Eq. (3.17) 
(Bouchard et al., 1994): 
∆𝑃𝑖 = �𝑃𝑓 − 𝑃𝑝� − 12𝑘𝜇𝑣𝑖𝐿𝑛𝐻2                                                                                                                (3.17) 
Where 𝑃𝑓  and 𝑃𝑝  is the feed and permeate pressure, 𝑘 is the friction coefficient, 𝜇 is the fluid 
viscosity, 𝐿 is the membrane channel length, and 𝑛 is the number of uniform slices for channel 
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 discretization. With a known pressure at the end of the membrane channel and assuming the 
permeate pressure stays constant, the friction coefficient (𝑘) can be determined in Eq. (3.18): 
𝑘 = (𝑃𝑓 − 𝑃𝑐)𝐻212𝜇𝑣𝑐𝐿                                                                                                                                     (3.18) 
Where 𝑃𝑐 is the concentrate pressure and 𝑣𝑐 is the cross flow velocity at the end of membrane 
channel. Eq. (3.17) is substituted into Eq. (3.11-a) for the subsequent calculation. The salt 
concentration in the bulk flow and permeate concentration can be solved using Eq. (3.15) and Eq. 
(3.12) with the initial conditions: 
𝐶0 = 𝐶𝑓;  𝑄0 = 𝑄𝑓; ∆𝑃0 = 𝑃𝑓 − 𝑃𝑝                                                                                                     (3.19) 
 
3.1.2 Concentration polarization 
When water permeates a pressure driven membrane, the retained solutes tend to 
accumulate at the membrane surface and create a concentration gradient between the bulk and 
the membrane surface. This concentration gradient will result in a diffusion of salts from the 
membrane surface to the bulk. This phenomenon is referred to as concentration polarization. In 
the RO membrane process, concentration polarization leads to an increase in the osmotic 
pressure and thereby reduces the permeate flux. The expression of concentration polarization at 
steady state is given by (Wiesner & Aptel, 1996): 
𝐶𝑚𝑖 − 𝐶𝑝𝑖
𝐶𝑖 − 𝐶𝑝𝑖
= 𝑒𝑥𝑝𝐹𝑤𝛿𝐷 = 𝑒𝑥𝑝𝐹𝑤𝑘𝑑                                                                                                              (3.20) 
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 Where 𝐶𝑚𝑖  is the concentration at the membrane surface, 𝛿  is the thickness of concentration 
polarization layer, 𝐷  is the diffusivity of salt, and 𝑘𝑑  is the mass transfer coefficient. The 
concentration difference across the membrane film can be calculated with Eq. (3.21): 
𝑑𝑐 = 𝐶𝑚𝑖 − 𝐶𝑝𝑖 = �𝐶𝑖 − 𝐶𝑝𝑖�𝑒𝑥𝑝𝐹𝑤𝑘𝑑                                                                                                   (3.21)  
𝑘𝑑 can be related to the cross flow velocity and the geometry of the membrane channel by means 
of the following dimensionless analysis under laminar flow condition (Isaacson & Sonin, 1976): 
𝑆ℎ = 1.86𝑅𝑒0.33𝑆𝑐0.33 = 𝑘𝑑𝑑ℎ
𝐷
                                                                                                          (3.22) 
𝑅𝑒 = 𝑣𝑖𝑑ℎ𝜌
𝜇
                                                                                                                                             (3.23) 
𝑆𝑐 = 𝜇
𝐷𝜌
                                                                                                                                                   (3.24) 
Where 𝑑ℎ is the hydraulic diameter of the membrane channel; 𝜌 is the water density; 𝐷 is the salt 
diffusivity. Combing Eqs. (3.22) – (3.24), the mass transfer coefficient 𝑘𝑑 can be calculated with 
Eq. (3.25): 
𝑘𝑑 = 1.86 � 𝐷𝑑ℎ�0.67 (𝑣𝑖)0.33                                                                                                                 (3.25) 
Substituting Eq. (3.21) into Eq. (3.12), inserting the results of 𝑘𝑑, and assuming 𝐶𝑝𝑖 ≪ 𝐶𝑖 < 𝐶𝑚𝑖, 
the salt permeate concentration can be determined by Eq. (3.26): 
𝐶𝑝𝑖 = 𝐶𝑖𝑒𝑥𝑝𝐹𝑤𝑘𝑑
𝑎1 − 𝑎2𝐶𝑖𝑒𝑥𝑝
𝐹𝑤
𝑘𝑑
                                                                                                                          (3.26) 
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 3.2 Model Development Based on HSDM 
Many different theories and models attempt to describe mass transfer in diffusion-
controlled membrane processes. However, a few basic principles or theories are used to develop 
most of these models: convection, diffusion, film theory, and electroneutrality (Gjostein, 1972). 
These principles or theories could be used to group models into linear diffusion models, 
exponential diffusion models, and coupling models. Most of the modeling efforts have been 
developed using lab or bench-scale testing equipment, and may or may not have incorporated 
product recovery, limiting their practical use. Figure 6 depicts a general representation of mass 
transport flow through a membrane element, and will serve as the basis for mathematical 
representations used in this study. 
 
Figure 6: Basic Diagram of Mass Transport in a Membrane 
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 3.2.1. Overview of the HSDM 
Eqs. (3.27) – (3.31) are the governing equations used to derive the pressure driven, 
diffusion controlled, linear homogeneous solution diffusion model (HSDM) for a high recovery 
RO system (Zhao, 2004; Chen, 1999; Sung, 1993; Taylor and Jacobs, 1996). These equations 
require a mass balance across the entire RO system. The solute MTC (Ks) represents the overall 
permeability of dissolved substances and can be experimentally determined. The HSDM was 
derived by Eq. (3.33) and Eq. (3.34) and is shown in Eq. (3.35). This model can be utilized to 
predict the solute permeate concentration (𝐶𝑝 ), given feed concentration (𝐶𝑓 ), net pressure 
(∆𝑝 − ∆𝜋), recovery (𝑟), and MTCs (𝑘𝑤, 𝑘𝑠). 
𝐹𝑤 = 𝑘𝑤(∆𝑝 − ∆𝜋) = 𝑄𝑝𝐴                                                                                                                     (3.27) 
𝐽𝑠 = 𝑘𝑠∆𝑐 = 𝑄𝑝𝐶𝑝𝐴                                                                                                                                  (3.28) 
∆𝑐 = 𝐶𝑓 + 𝐶𝑐2                                                                                                                                            (3.29) 
𝑟 = 𝑄𝑝
𝑄𝑓
                                                                                                                                                      (3.30) 
𝑄𝑓 = 𝑄𝑐 + 𝑄𝑝                                                                                                                                          (3.31) 
𝑄𝑓𝐶𝑓 = 𝑄𝑐𝐶𝑐 + 𝑄𝑝𝐶𝑝                                                                                                                            (3.32) 
Combining Eq. (3.27) to Eq. (3.29), 𝐶𝑝 can be determined by Eq. (3.33): 
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 𝐶𝑝 = 𝑘𝑠(𝐶𝑓 + 𝐶𝑐2 )𝐹𝑤 + 𝑘𝑠                                                                                                                                    (3.33) 
The retained solute concentration 𝐶𝑐  can be determined by combing Eq. (3.30) to Eq. (3.32), 
resulting in Eq. (3.34): 
𝐶𝑐 = 𝐶𝑓 − 𝑟𝐶𝑝1 − 𝑟                                                                                                                                          (3.34) 
Substituting Eq. (3.34) into Eq. (3.33) and rearranging, the permeate concentration 𝐶𝑝 can be 
determined by Eq. (3.35), which is the HSDM.  
𝐶𝑝 = 𝑘𝑠𝐶𝑓
𝐹𝑤 �
2 − 2𝑟2 − 𝑟 � + 𝑘𝑠                                                                                                                          (3.35) 
 
3.2.2 Non homogeneous solution diffusion model development 
The HSDM can be modified by incorporating the effect of a non-uniform membrane 
surface on the solute’s permeability to produce Non homogeneous solution diffusion model 
(NHDM). The entire membrane channel can be discretized into small uniform slices using a 
finite difference method. Development of this model applies Eqs. (3.27) – (3.32) on a small 
uniform membrane slice of the membrane module to solve the water qualities at each slice. The 
discretized membrane module is depicted in Figure 7, assuming homogeneous diffusion at each 
slice. In this representation, 𝑄𝑖and 𝑄𝑖+1represent the flow rate at the feed and retained side of the 
uniform slice, 𝐶𝑖  and 𝐶𝑖+1  are the solute concentration at the feed and retained side of the 
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 uniform slice in the bulk stream, Ai is the membrane effective area of uniform slice for salt 
rejection, where i denotes the computational iteration along the membrane channel.  
 
 
 
 
 
 
Figure 7: Schematic representation of computational boundary of membrane channel 
 
The computational boundary is taken from one uniform slice of the membrane channel. Eqs. 
(3.27) – (3.32) therefore become: 
𝐹𝑤𝑖 = 𝑘𝑤𝑖(∆𝑝𝑖 − ∆𝜋𝑖) = 𝑄𝑝𝑖𝐴𝑖                                                                                                               (3.36) 
𝐽𝑖 = 𝑘𝑠𝑖�𝐶𝑖 − 𝐶𝑝𝑖�                                                                                                                                   (3.37) 
𝑟𝑖 = 𝑄𝑝𝑖𝑄𝑖                                                                                                                                                     (3.38) 
𝑄𝑖+1 =  𝑄𝑖 − 𝑄𝑝𝑖                                                                                                                                     (3.39) 
𝐶𝑖+1 = 𝑄𝑖𝐶𝑖 − 𝑄𝑝𝑖𝐶𝑝𝑖𝑄𝑖+1                                                                                                                             (3.40) 
The permeate concentration at each uniform slice is expressed as: 
 
𝑄𝑐,𝑃𝑐,𝐶𝑐 ,𝜋𝑐 
 
𝑄𝑓0,𝐶𝑓0,𝑃𝑓𝑜,𝜋𝑓𝑜  
 
 δ 𝑄𝑖+1,𝐶𝑖+1,𝑃𝑖+1,𝜋𝑖+1 𝑄𝑖 ,𝐶𝑖 ,𝑃𝑖,𝜋𝑖 
Permeate 
channel 𝐽𝑖 
 
𝐹𝑤𝑖 
 
∆𝑥,∆𝐶,∆𝑄 
𝑄𝑝,𝑃𝑝,𝐶𝑝,𝜋𝑝 
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 𝐶𝑝𝑖 = 𝑘𝑠𝑖𝐶𝑖
𝐹𝑤𝑖 �
2 − 2𝑟𝑖2 − 𝑟𝑖 � + 𝑘𝑠𝑖                                                                                                                     (3.41) 
Osmotic pressure is defined in Eq. (3.42): 
∆𝜋𝑖 = 𝑘𝑡�𝐶𝑡𝑖 − 𝐶𝑡𝑝𝑖�                                                                                                                             (3.42) 
Where 𝑘𝑡 equals 0.01 
𝑝𝑠𝑖
𝑚𝑔
𝐿
𝑇𝐷𝑆
 (ASTM Standard, D4516-65) and 𝐶𝑡𝑖 and 𝐶𝑡𝑝𝑖 are the total dissolved 
solid (TDS) concentrations in the bulk and permeate stream. Approximating the net driven 
pressure (∆𝑝𝑖 − ∆𝜋𝑖)  by assuming 𝑘𝑡𝐶𝑡𝑖 ≈ 𝑘𝑡�𝐶𝑡𝑖 − 𝐶𝑡𝑝𝑖� , the permeate flow rate can be 
estimated with Eq. (3.43): 
𝑄𝑝𝑖 = 𝑘𝑤𝑖(∆𝑝𝑖 − 𝑘𝑡𝐶𝑡𝑖)𝐴𝑗                                                                                                                         (3.43) 
The bulk flow (𝑄𝑖) can be correlated to the pressure drop along the membrane channel. As feed 
flow travels in the membrane channel, transmembrane pressure decreases due to the hydraulic 
friction loss. The transmembrane pressure profile in the membrane channel can be described by 
Eq. (3.44) (Bouchard, 1994): 
∆𝑃𝑖 = �𝑃𝑓 − 𝑃𝑝� − 12𝑘𝜇𝑣𝑖𝐿𝑛𝐻2                                                                                                                (3.44) 
Where 𝑃𝑓 and 𝑃𝑝 are the feed and permeate pressure, 𝑘 is the friction coefficient, 𝜇 is the fluid 
viscosity, 𝐿 is the membrane channel length, 𝐻 is the membrane channel height, and 𝑛 is the 
number of uniform slices for channel discretization. With a known pressure at the end of the 
membrane channel and assuming the permeate pressure remains constant, the friction coefficient 
can be determined in Eq. (3.45): 
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 𝑘 = (𝑃𝑓 − 𝑃𝑐)𝐻212𝜇𝑣𝑐𝐿                                                                                                                                     (3.45) 
Where 𝑃𝑐 is the retained pressure at the end of the membrane channel and 𝑣𝑐 is the cross flow 
velocity at the end of the membrane channel. The cross flow velocity (𝑣𝑖) can be calculated from 
the bulk flow rate (𝑄𝑖) in the membrane channel over the cross flow area and is expressed in Eq. 
(3.46): 
𝑣𝑖 = 𝑄𝑖𝑊𝐻                                                                                                                                                   (3.46) 
Where 𝑊  is the membrane element width and 𝐻 is the channel height. Once 𝑄𝑖and 𝑄𝑝𝑖  have 
been solved, 𝐶𝑝𝑖 can be calculated by Eq. (3.41) with the following initial conditions: 
𝐶0 = 𝐶𝑓;  𝑄0 = 𝑄𝑓; ∆𝑃0 = 𝑃𝑓 − 𝑃𝑝                                                                                                     (3.47) 
 
3.2.3 Development of NHDM with concentration polarization 
        NHDM can be further modified by taking into account the concentration polarization (CP) 
effect. In the RO membrane process, CP leads to an increase in the osmotic pressure and thereby 
reduces the permeate flux. The expression of CP at the steady state is given by Eq. (3.48) 
(Wiesner and Aptel, 1996): 
𝐶𝑚𝑖 − 𝐶𝑝𝑖
𝐶𝑖 − 𝐶𝑝𝑖
= 𝑒𝑥𝑝𝐹𝑤𝛿𝐷 = 𝑒𝑥𝑝𝐹𝑤𝑘𝑑                                                                                                              (3.48) 
Where 𝐶𝑚𝑖  is the concentration at the membrane surface, 𝛿  is the thickness of concentration 
polarization layer, 𝐷 is the diffusivity of salt, and 𝑘𝑑 is the mass transfer coefficient within the 
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 concentration polarization layer. The concentration difference across the membrane film can be 
calculated with Eq. (3.49): 
𝑑𝑐 = 𝐶𝑚𝑖 − 𝐶𝑝𝑖 = �𝐶𝑖 − 𝐶𝑝𝑖�𝑒𝑥𝑝𝐹𝑤𝑘𝑑                                                                                                    (3.49) 
Substituting Eq. (3.49) in to Eq. (3.33) yields: 
𝐶𝑝𝑖 = 𝑘𝑠(𝐶𝑖 + 𝐶𝑖+12 )𝑒𝑥𝑝𝐹𝑤𝑘𝑑𝐹𝑤 + 𝑘𝑠                                                                                                                    (3.50) 
The concentration at the retained side (𝐶𝑖+1) can be determined by Eq. (3.34), substituting the 
expression of 𝐶𝑖+1  into Eq. (3.50), the solute permeate concentration with CP factor can be 
determined locally at each uniform slice by Eq. (3.51).  
𝐶𝑝𝑖 = 𝑘𝑠𝑖𝐶𝑖𝑒𝑥𝑝𝐹𝑤𝑖𝑘𝑑𝑖
𝐹𝑤𝑖 �
2 − 2𝑟𝑖2 − 𝑟𝑖 � + 𝑘𝑠𝑖𝑒𝑥𝑝𝐹𝑤𝑖𝑘𝑑𝑖                                                                                                        (3.51) 
In the determination of 𝐶𝑝𝑖 , 𝑘𝑠𝑖 , and 𝑘𝑤𝑖  are assumed to be related to the membrane surface 
morphology and therefore varies locally. It should be noted that 𝑘𝑑 can be related to the cross 
flow velocity and the geometry of the membrane channel by means of the following 
dimensionless analysis under laminar flow condition (Isaacson and Sonin, 1976): 
𝑆ℎ = 1.86𝑅𝑒0.33𝑆𝑐0.33 = 𝑘𝑑𝑑ℎ
𝐷
                                                                                                          (3.52) 
𝑅𝑒 = 𝑣𝑖𝑑ℎ𝜌
𝜇
                                                                                                                                             (3.53) 
𝑆𝑐 = 𝜇
𝐷𝜌
                                                                                                                                                   (3.54) 
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 Where 𝑑ℎ is the hydraulic diameter of the membrane channel; 𝜌 is the water density, and 𝐷 is the 
salt diffusivity. Combing Eqs. (3.52) – (3.54), the mass transfer coefficient 𝑘𝑑 can be calculated 
with Eq. (3.55): 
𝑘𝑑 = 1.86 � 𝐷𝑑ℎ�0.67 (𝑣𝑖)0.33                                                                                                                 (3.55) 
 
3.3 Mass Transfer Coefficients 𝒌𝒘𝒊,𝒌𝒔𝒊 
Atomic force microscopy (AFM) images reveal that the membrane surfaces are non-
uniform with varied thickness along the surface (Song et al, 1994; Mohammad et al., 2011), 
therefore mass transport through the membrane surface can be considered as non-homogeneous. 
It is assumed a faster transport occurs at the valleys where the activation energies are less than 
the ridges. Therefore, mass transfer at the valleys will contribute the majority of mass passage in 
the permeate stream. The original idea of non-homogeneous diffusion as applied to synthetic 
membranes is, in part, derived from research performed by Duranceau who studied the permeate 
transient response in nanofiltration membrane processes (Duranceau, 2009). The transient 
permeate response to a concentration gradient change was modeled using a homogeneous 
diffusion model but it was noted that deviations in model prediction occurred when the transients 
had been reversed. It was suspected that additional interactions may have affected the means of 
solute mass transfer through the membrane film, but for the cause of the variations could not be 
identified at that time. Advancements in the understanding of the surface morphology of the 
active membrane layer together with advancements like AFM allowed the non-homogeneous 
diffusion to be further explored in this work.  
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 Previous diffusion models typically assumed a constant mass transfer across a non-
porous, smooth, flat membrane surface where solute and solvent permeability is driven by the 
concentration and pressure gradient that exists between the feed and permeate sides of the 
membrane. However, non-homogeneous mass transfer introduces an additional variable affecting 
mass transport that can quantified by considering the non-uniform structure of the membrane 
surface.  
Research conducted by Song and colleagues demonstrated that random distribution 
models can be used to describe heterogeneity of surfaces (Song et al., 1994). This mathematical 
approach was used to quantitatively describe the random distribution of the membrane’s surface 
roughness. Continuous random heterogeneity would indicate that sites of ridge-and-valley 
morphology are randomly distributed over the entire surface of the membrane. The Gaussian 
distribution presented in Eq. 3.56 can be used to numerically represent the active layer by a white 
random vector (𝑤).  
𝑃(𝑤) = 1
𝜎√2𝜋
exp �− (𝑤−𝜇)2
2𝜎2
�                                                                                                                 (3.56)  
Where 𝜇 is the mean and 𝜎 is the standard deviation of the random vector (𝑤). Similarly, the 
variations in membrane thickness can be approximated by a Gaussian distribution. Because the 
mass transfer coefficients 𝑘𝑠𝑖 and 𝑘𝑤𝑖  are affected by the membrane thickness, they can be 
approximated with the same distribution as the membrane thickness. This is expressed in Eq. 
(3.57). Substituting Eq. (3.57) into Eq. (3.26), Eq. (3.41), and Eq. (3.51), the permeate 
concentration will be determined by the concentration at the membrane surface and the 
membrane thickness. 
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 𝑃(𝑘𝑠𝑖, 𝑘𝑤𝑖) = 1
𝜎𝑠,𝑤√2𝜋 exp �− �𝑘𝑠𝑖,𝑤𝑖 − 𝑘𝑠,𝑤������22𝜎𝑠,𝑤2 �                                                                             (3.57) 
In Eq. (3.57),  𝑘𝑠��� , 𝑘𝑤����  are the mean values of solute and solvent mass transfer 
coefficients and can be determined by fitting the plant data into Eqs. (3.1) and (3.2). 𝜎𝑠,𝑤 can be 
estimated by the thickness variation that related to the actual membrane images produced by 
AFM. The AFM images of two types of RO membranes manufactured by Hydranautics 
(Oceanside, CA), namely the ESPA2 and the CPA3 membranes, are shown in Figures 8(a) and 
3(b), respectively.  
  
Figure 8: AFM images of ESPA2 (a) and CPA3 (b) RO membranes  
Source: Courtesy of Hydranautics, Oceanside, CA. 
 
In Figure 8, the average of the RO membrane thickness, provided by the manufacturer, is 
about 200nm. The variation of ESPA2 and CPA3 is about 400nm and 300nm, respectively. The 
standard deviation (estimated at 200nm and 150nm) will produce morphology visually 
comparable to the AFM images using the “NORMRND” function embedded in MATLAB with a 
(a) (b) 
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 “SMOOTH” script to reduce the influence of outlying data. The size of the random vector used 
to generate the membrane surface is the same as the number of uniform slices (𝑛) for dividing 
the channel into discrete segments. The hypothetical membrane surfaces generated by MATLAB 
are depicted in Figures 9(a) to 9(c).  
 
 
(b) 
(a) 
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Figure 9: Numercial plot of membranes surface stuctures of  (a) flat; (b) ESPA2; (c) CPA3. Note 
that x and y-coordinates are the size of the random vector (z), with the z-coodinate representing 
membrane thickness. 
 
Figure 9(a) represents the idealized, flat, homogeneous membrane surface while Figures 
9(b) and 9(c) depict membranes with surface roughness similar to the AFM membrane images 
provided by Hydranautics (Oceanside, CA) in Figures 8(a) and 8(b). Based on this similarity, the 
mass transfer coefficients 𝑘𝑠𝑖 ,𝑘𝑤𝑖   can be correlated to surface random vector (𝑤)  with a 
coefficient 𝜃𝑠,𝑤 = 𝑘𝑠���  , 𝑘𝑤�����𝜇𝑤 . Therefore 𝜎𝑠,𝑤 can be calculated with Eq. (3.58) and 𝑘𝑠𝑖 ,  𝑘𝑤𝑖  can be 
solved by Eq. (3.57). Evaluating the applicability of the model developed from Chapter 3.1 was 
validated using full scale data obtained from a Florida brackish groundwater RO plant, and the 
model described in chapter 3.2 was further validated through comparison of NHDM, NHDMCP 
and HSDM predictions using pilot scale data obtained from the same plant. 
𝜎𝑠,𝑤 = 𝜃𝑠,𝑤𝜎𝑚                                                                                                                                          (3.58) 
(c) 
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 3.4 Theoretical Models for Membrane Fouling 
 For pressure-driven membrane processes, permeate water flux can be expressed by Eq. 
(3.1), where the mass transfer coefficient 𝑘𝑤𝑖 is a function of membrane thickness and described 
in Eq. (3.59) 
𝑘𝑤𝑖 = 𝜃𝑤𝑖𝛿𝑖                                                                                                                                             (3.59)  
Where 𝜃𝑤𝑖 is a coefficient determined by Eq. (3.56) to Eq. (3.58), 𝛿𝑖 is the membrane thickness. 
In the fouling process, 𝛿𝑖  equals to the sum of clean membrane thickness (𝛿𝑚) and the cake 
thickness (𝛿𝑐).  
The cake thickness, 𝛿𝑐, is a key unknown for the prediction of permeate flux during the fouling 
processes. The rate of cake layer growth is given by (Wiesner et al., 1992). 
𝑑𝛿𝑐𝑖
𝑑𝑡
= 𝑘1𝐹𝑤𝑖 − 𝑘2𝛿𝑐𝑖                                                                                                                           (3.60) 
Where 𝑘1 and 𝑘2 are constants. Eq. (2.30) is based on the assumptions that the cake growth is 
proportional to the permeate flux and the particle back diffusion due to shear stresses increases 
by the membrane channel constriction as the cake grows. At the early stages of fouling, when the 
membrane channel is not constricted by the cake grown and shear force is minimal, Eq. (3.60) 
can be simplified as: 
𝑑𝛿𝑐𝑖
𝑑𝑡
= 𝑘1𝐹𝑤𝑖                                                                                                                                            (3.61) 
The membrane channel is divided into discrete uniform slices as described in Figure 2. The 
localized permeate flux can be determined by Eq. (3.8). With consideration of pressure drop 
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 along the membrane channel, the localized trans-membrane pressure is determined by Eq. (3.16) 
and Eq. (3.17). Substituting Eq. (3.8) into Eq. (3.60), the cake thickness 𝛿𝑐𝑖  at each time 
increment 𝑡𝑖 can be determined assuming initial thickness equals to zero.  Because the localized 
𝑘𝑤𝑖 is affected by the localized thickness 𝛿𝑖, which is affected by the surface roughness. The 
cake thickness 𝛿𝑐𝑖 is a localized variable determined by the permeate flux and surface roughness. 
The discrete forms of Eq. (3.60) and Eq. (3.61) are: 
𝛿𝑐(𝑖+1) = 𝑘1𝐹𝑤𝑖𝑑𝑡 + �1 − 𝑘2𝛿𝑐(𝑖)𝑑𝑡�                                                                                                (3.62) 
𝛿𝑐(𝑖+1) = 𝑘1𝐹𝑤𝑖𝑑𝑡 + 𝛿𝑐(𝑖)                                                                                                                     (3.63) 
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 CHAPTER 4 EXPERIMENTAL DESIGN 
4.1 Preparation of Membranes 
It has been found that surface chemical heterogeneities can provide favorable sites for 
attachment onto what is otherwise an unfavorable surface for colloid adherence (Elimelech et al., 
1997). To take into account different membrane surface properties, both RO and NF commercial 
membrane sheets having different surface roughness and charge were used in this study. The RO 
membranes were BW30 (Dow Filmtec) and XLE (Dow Filmtec). The NF membranes were NF 
(Dow Filmtec) and CK (GE Osmonics). The CK membrane was made of cellulose acetate and 
the others were made of polyamide. The membrane samples were acquired as dry sheets but 
stored in deionized (DI) water at room temperature prior to assembly into flat-sheet test cells. 
The membranes were characterized for intrinsic physical and chemical properties through the use 
of surface roughness and contact angle. 
 
4.2 Nanoparticles  
 Commercial titanium oxide (TiO2), cerium oxide (CeO2), and silicon oxide (SiO2) 
nanoparticles (NanoAmor, Houston, TX) were used in the fouling experiments. The 
nanoparticles were supplied in powder forms, each with a size of 80nm, 15nm, and 50-105nm. 
The nanopaticle densities were 2.2-2.9g/cm3 for SiO2, 3.9g/cm3 for TiO2, and 7.1g/cm3 for CeO2. 
TiO2 is well known photocatalyst. The photocatalytic, which is related to the properties of 
oxidative decomposition, and the photo-induced ultrahydrophilicity of titanium dioxide have 
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 attracted much interest in both basic and applied science. TiO2 has a unique self-cleaning effect 
that both the photocatalysis and hydrophilicity can take place simultaneously on the same surface 
even though the mechanisms are completely different (Madaeni and Ghaemi, 2007). By 
comparison, less research has been conducted on CeO2 application. CeO2 has been demonstrated 
as a self-cleaning catalyst with stronger absorption for ultraviolet radiation but with lower 
photocatalytic activity for visible light. Therefore, it could be a potential replacement for 
titanium dioxide in some applications. SiO2 is a stable metal oxide and is generally found in 
natural waters as one of the foulants in the synthetic membrane processes. 
 
4.3 Contact Angle 
 Membrane hydrophobicity was determined by measuring the contact angle between the 
membrane surface and a water droplet. It has been demonstrated that the contact angle is directly 
related with the surface hydrophobicity (Kelewou et al., 2011). Contact angle measurements 
were obtained through the captive bubble technique. A goniometer (Rame-Hart, Succasunna, NJ) 
shown in Figure 11 was used to measure the contact angle. Each of the membrane samples was 
assembled inversely on a flat surface with the active layer exposed. A submerged syringe with a 
U-shaped needle attachment delivered a bubble of a pre-determined size and the bubble floated 
up to the membrane surface. Once the air bubble stabilized with the surface, the contact angle on 
each side of the bubble was measured by the goniometer. In order to maintain representative 
results, six (three on each side of the bubble) contact angle measurements were made for the 
membranes being tested, and the reported values were the average of six contact angles (Norberg, 
2003).  
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Figure 10: Rame-Hart Inc. 100, Goniometer 
 
4.4 Surface Roughness 
 The surface roughness of four membranes evaluated was measured by a Digital 
Instruments Nanoscope Atomic Force Microscope (AFM) as shown in Figure 12. The AFM 
scans the surface with a cantilevered tip, generating a three-dimensional elevation map. The tip 
was operated in “tapping” mode to reduce the sample damage and maximize resolution, Surface 
elevation data can be used to determine the average roughness and the root mean squared (RMS) 
roughness. The average roughness is simply the average deviation of the peaks and valleys from 
the center plane, the RMS roughness is defined as the standard deviation of the peaks and valleys 
from the center plane. Both these parameters were used to determine the correlations between the 
fouling data and the membrane surface morphology. 
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Figure 11: Digital Instruments (DI) Nanoscope, Atomic Force Microscope 
 
4.5 Membrane Performance Testing 
  Fouling tests were performed using a CF042 cross flow flat sheet membrane filtration 
unit (CF042, Sterlitech, Kent, WA). The bench scale unit is shown in Figure 14. The membrane 
cell allows for evaluation of membrane film with an active surface area of 42 cm2. The pre-cut 
membrane was loaded into the cell and the system was run under recommended pressure for 20 
minutes with DI water to remove any residual chemicals from manufacturing. The water was 
then drained and the system was filled with testing solution. 
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Figure 12: Sterlitech CF042 Flat Sheet Test Unit located at CECE Lab 
 
The schematic flow diagram for the flat sheet testing instrument is shown in Figure 13. A 
1.5 gal reservoir provided feed water into a high pressure pump. The flow rate and pressure were 
adjusted by the two valves located on the bypass and concentrate flow tubes. The operational 
condition for each membrane is shown in Tables 2. The feed flow was maintained at 757mL/min, 
providing a Reynolds number of 307. The permeate and concentrate flows were recycled into the 
feed tank to ensure a constant background electrolyte condition. The temperature was maintained 
at 21°C with a coil immersed in the feed tank and connected to a chiller unit. After a constant 
flux was achieved, an appropriate volume of premixed NaCl solution was added to provide a 
0.05 M salt concentration. After the NaCl solution was added, the unit was allowed to equilibrate 
for 20 hours. A dose of nanoparticle suspension was then added into the feed tank to provide a 
feed concentration of either 135mg/L or 405mg/L. The nanoparticle suspension was sonicated in 
a water bath ultrasonicator to maintain suspending before being added to the feed tank. The flux 
was monitored by a flow meter continuously for the duration of experiment and recorded on a 
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 laboratory computer. For water qualities, pH, conductivity and the turbidity were measured at the 
beginning, the end, and several points during the experiments to ensure constant physical and 
chemical conditions throughout the test. After each experiment, the membrane was taken out 
from the cell and rinsed with DI water. Then the membrane was put back into the testing cell 
immediately and was operated under the same condition with background solution for an 
extended hour for reversibility testing. Three runs were conducted for each membrane: baseline, 
135 mg/L nanoparticle injection, and 405mg/L nanoparticle injection. Each individual run took 
20 hours.  The fouling behaviors of the interaction between different nanoparticles on different 
membranes were studied in terms of flux decline and salt rejection over time. Relationships 
between surface properties and fouling behavior were quantitatively investigated and are 
discussed in the following chapter. 
Table 2: Membrane specification 
Designation Membrane type Manufacturer Polymer Pressure, psi 
BW30 RO Dow Polyamide 260 
XLE RO Dow Polyamide 130 
NF NF Dow Polyamide 130 
CK NF GE Osmonics Cellulose Acetate 220 
 
 
 
 
 
 
 
 
Figure 13: Flat sheet unit testing flow diagram 
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 CHAPTER 5 RESULTS 
 
5.1 Results of Fouling Experiments 
The effect of chemical and physical characteristics of the membranes and deposited 
nanoparticles on the rate of membrane fouling behavior will be discussed in this section. The 
effect of SiO2, TiO2, and CeO2 nanopaticles concentration on the fouling behavior of RO and 
NF membranes at a constant feed ionic strength are presented in this section. Results are 
presented in terms of relative flux as a function of time. Relative flux is expressed as the flux at 
any time during the test divided by the initial flux (f/f0). The baseline represents the runs with the 
background solution (0.05M NaCl) and without nanoparticles. The difference between the 
permeate flux with nanoparticles in the feed stream and the baseline indicates the net 
contribution of nanoparticles to membrane fouling.  
 
5.1.1 Effect of SiO2 on flux decline 
Figures 14 through Figure 17 show the effect of SiO2 concentration on the fouling rate of 
BW30, XLE, NF, and CK membranes at a constant ionic strength in the feed solution.  The 
operating pressures for the BW30, XLE, NF and CK membranes are 260psi, 130psi, 130psi, and 
220psi, respectively. The results from BW30, XLE, and NF show that greater flux decline is 
obtained at a higher SiO2 particle dosage, while no obvious flux decline was observed for CK 
membranes. With an increasing particle concentration, the rate of mass transport of particles 
toward the membrane surface increases, thereby, the overall rate of particle deposition onto the 
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 membrane surface increases. As a result, the total mass of deposited particles increases, which 
resulting in higher resistance to water permeating the membrane and thus reduced water passage. 
Figure 18 compares the rate of flux decline for the four alternative membranes at two different 
concentration levels. The BW30 and XLE membranes have a higher relative flux decline rate, 
while the water passage through the CK membrane decreases at a much lower rate relative to the 
other three. The flux decline of the NF membrane was in the middle range experienced in the 
experiment. This behavior can be attributed to the thickness of the active layer difference in the 
surface roughness of these four membranes. RO membranes are considered as nonporous while 
the nominal pore dimension for NF membranes is about 0.001μm (Crittenden et al., 2005). It is 
noted that initial flux, shown in Table 3, also plays a role in determining the flux decline rate. 
For NF and CK membranes, a higher initial permeate flux results in higher fouling rate. The 
initial flux for BW30 membrane is slightly higher than XLE membrane, but the flux decline rate 
is similar for these two membranes due to the differences in their surface morphology. The 
membrane surface roughness will be discussed later in this study.  
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Figure 14: Relative flux as a function of time in fouling experiments with SiO2 at three different 
particle concentrations for BW30 membrane. 
 
 
Figure 15: Relative flux as a function of time in fouling experiments with SiO2 at three different 
particle concentrations for the XLE membrane. 
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Figure 16: Relative flux as a function of time in fouling experiments with SiO2 at three different 
particle concentrations for the NF membrane. 
 
 
Figure 17: Relative flux as a function of time in fouling experiments with SiO2 at three different 
particle concentrations for the CK membrane. 
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Figure 18: Relative flux as a function of time in fouling experiments with: (a) 135 mg/L; (b) 405 
mg/L as SiO2 in the feed stream to the four different membranes. 
 
Table 3: Initial flux for membranes being tested using SiO2 
Initial flux BW30 XLE NF CK 
m/s 1.31x10-5 1.00x10-5 1.71x10-5 6.54x10-6 
gal/sfd 27.78 21.20 36.26 13.87 
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 5.1.2 Effect of TiO2 on flux decline 
The fouling behavior of the RO and NF membranes with TiO2 is presented in Figure 19 
to Figure 22. Comparisons of the effect of TiO2 on the membrane fouling rate at two different 
particle concentrations are shown in Figure 23. All of the experiments were conducted with 
0.05M NaCl as a background solution. The feed flow was maintained at 757mL/min. The initial 
flux is shown in Table 4. Results from Figure 19 and Figure 20 indicate there is significant flux 
decline for BW30 and XLE membranes, while Figure 21 and Figure 22 show no obvious flux 
decline for NF and CK membranes. When compared on the basis of percent flux decline at the 
end of each run, the membranes rank in the following order: 𝑁𝐹 ≤ 𝐶𝐾 < 𝐵𝑊30 < 𝑋𝐿𝐸. It is 
noted that compared with SiO2, TiO2 aggravates fouling for BW30 and XLE membranes but 
does not affect the fouling rate for NF and CK membranes. One possible explanation is that the 
average size of TiO2 (15nm) is smaller than SiO2 (80nm) and the density of TiO2 (3.9g/cm3) is 
higher than SiO2 (2.2g/cm3), thus the cake layer formed from deposited TiO2 is less porous than 
that from SiO2, and thus produces higher resistance to water permeating the membranes. 
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Figure 19: Relative flux as a function of time in fouling experiments with TiO2 at three different 
particle concentrations for the BW30 membrane. 
 
 
Figure 20: Relative flux as a function of time in fouling experiments with TiO2 at three different 
particle concentrations for the XLE membrane. 
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Figure 21: Relative flux as a function of time in fouling experiments with TiO2 at three different 
particle concentrations for the NF membrane. 
 
 
Figure 22: Relative flux as a function of time in fouling experiments with TiO2 at three different 
particle concentrations for the CK membrane. 
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Figure 23: Relative flux as a function of time in fouling experiments with: (a) 135 mg/L; (b) 405 
mg/L as TiO2 in the feed stream to the four different membranes. 
 
Table 4: Initial flux for membranes being tested using TiO2 
Initial flux BW30 XLE NF CK 
m/s 1.07x10-5 1.10x10-5 8.93x10-6 6.59x10-6 
gal/sfd 22.69 23.33 18.94 13.98 
0.5 
0.6 
0.7 
0.8 
0.9 
1 
0 200 400 600 800 1000 1200 
Re
la
tiv
e 
flu
x,
 f/
f0
 
Time, mins 
BW30 
XLE 
NF 
CK 
0.5 
0.6 
0.7 
0.8 
0.9 
1 
0 200 400 600 800 1000 1200 
Re
la
tiv
e 
flu
x,
 f/
f0
 
Time, mins 
BW30 
XLE 
NF 
CK 
(a) 
(b) 
66 
 
  
5.1.3 Effect of CeO2 on flux decline 
Figures 24, 25, 26 and 27 show the effect of CeO2 concentration on the fouling rate of 
BW30, XLE, NF, and CA membranes using a constant ionic strength in the feed solution. 
Comparisons of the effect of CeO2 with a given concentration on membrane fouling rate are 
shown in Figure 28. The experiments were conducted with 0.05M NaCl as a background solution. 
The feed flow was maintained at 757mL/min. The initial flux is shown in Table 5. Similar to 
SiO2 and TiO2, there is significant flux decline for BW30 and XLE membranes when dosing 
with CeO2, while no obvious flux decline was observed for the NF and CK membranes. The 
magnitude of flux decline follows the same trend as testing with TiO2: the XLE membrane 
shows the most severe flux decline over the testing period, followed by the BW30 membrane; 
the NF and CK membranes exhibit the least flux decline which indicates particle fouling resistant 
properties.  
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Figure 24: Relative flux as a function of time in fouling experiments with CeO2 at three different 
particle concentrations for the BW30 membrane. 
 
 
Figure 25: Relative flux as a function of time in fouling experiments with CeO2 at three different 
particle concentrations for the XLE membrane 
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Figure 26: Relative flux as a function of time in fouling experiments with CeO2 at three different 
particle concentrations for the NF membrane 
 
 
Figure 27: Relative flux as a function of time in fouling experiments with CeO2 at three different 
particle concentrations for CK membrane 
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Figure 28: Relative flux as a function of time in fouling experiments with: (a) 135 mg/L; (b) 405 
mg/L as CeO2 in the feed stream to the four different membranes. 
 
Table 5: Initial flux for membranes being tested using CeO2 
Initial flux BW30 XLE NF CK 
m/s 1.29x10-5 1.24x10-5 1.44x10-5 6.68x10-6 
gal/sfd 27.35 26.29 30.53 14.16 
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 5.1.4 Effect of cross flow velocity 
Experiments similar to those depicted in Figure 14 were carried out with a 135mg/L SiO2 
particle suspension and the BW30 RO membrane to investigate the effect of cross flow velocity 
on the rate of flux decline. Results presented in Figure 29 indicate decreasing cross flow velocity 
from 0.71m/s to 0.24m/s (corresponding to Reynolds numbers of 1210 and 410, respectively) at 
an ionic strength of 0.05M NaCl. 
 
Figure 29: Relative flux as a function of time in fouling tests with BW30 RO membrane at 
different cross flow velocity. All experiments were conducted with the 135mg/L SiO2 and 
0.05M NaCl as a background solution. 
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 5.1.5 Fouling experiment with desalination plant water 
Extended fouling experiments were conducted using RO feed water from Tampa Bay 
Water’s sea water desalination plant located near Apollo Beach, FL. This plant is capable of 
producing 25MGD of desalinated water. The plant flow diagram is shown in Figure 30.The 
tested water was sampled after the cartridge filters but before the RO feed pressure pump. Prior 
the initiation of the fouling experiments, the raw sea collected from TBW’s seawater desalination 
plant was diluted 10 to 1 to reduce the salt concentration such that the feed water conductivity 
was about 4800μs/cm, which is similar to the laboratory tested condition described previously. 
Each particle was dosed into the feed tank with a concentration of 135mg/L after 20 hours of 
particle free baseline solution testing. The fouling behavior of the BW30 membranes was 
investigated using 0.05M NaCl solution and diluted Tampa Bay water. Results of the experiment 
depicting relative flux, as a function, versus time are shown in Figures 31(a) and (b). Using a 
0.05M NaCl solution as the baseline for these studies, it is noted that the flux decreases at a 
similar rate for the three particles tested. When using diluted seawater as the tested solution to 
the bench-scale test unit, the permeate flux was found to decline at different rates. Feeding with 
TiO2 resulted in the highest flux decline, and CeO2 did not result in significant flux decline as 
was the case when feeding TiO2 or SiO2 particles. 
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Figure 30: Tampa Bay sea water desalination plant flow diagram  
Source: Tampa Bay Sea water 
 
 
 
 
Sampling point 
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Figure 31: Relative flux as a function of time in fouling experiments for two different feed water 
conditions: (a) 0.05M NaCl; (b) diluted RO feed water from Tampa Bay desalination plant. 
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 5.1.6 Effect of nanoparticles on salt rejection 
Salt rejection was measured at the beginning, the end, and several points during the 
fouling experiments. The results in Figure 32 to Figure 34 show there is significant salt rejection 
decline for NF membranes for the tested particles. For the BW30 membranes, the salt rejection 
stays stable when tested with SiO2 or TiO2, but declines slightly when tested with CeO2. Similar 
to the BW30 membranes, the XLE membranes show constant salt rejection over time when 
tested with SiO2 or TiO2, but the rejection declines faster when CeO2 is fed to the membrane. 
For all three particles being tested, CK membranes show a 10% decrease in salt rejection over 
the testing period. The initial salt rejection for RO and NF membranes is shown in Table 6. The 
experimental data suggest a correlation between the salt rejection and the initial salt rejection. 
For RO membranes, the salt rejection for XLE membranes decreases at a slightly greater rate 
than BW30 membranes. For NF and CK membranes, the NF membrane suffers a significant 
decline in salt rejection, indicating severe salt accumulation on the membrane surface might 
occur. The decline in salt rejection can be attributed to the accumulated mass on the membrane 
surface, which may entrap dissolved salts, thus enhancing their passage through the membrane 
(Hoek & Elimelech, 2003). 
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Figure 32: Relative salt rejection as a function of time in fouling tests with SiO2: (a) 135mg/L; (b) 
405mg/L 
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Figure 33: Relative salt rejection as a function of time in fouling tests with TiO2: (a) 135mg/L; 
(b) 405mg/L 
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Figure 34: Relative salt rejection as a function of time in fouling tests with CeO2: (a) 135mg/L; 
(b) 405mg/L 
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 Table 6: Initial salt rejection for the membranes being tested 
Membrane Type Salt rejection 
BW30 RO 97% 
XLE RO 95% 
NF NF 47% 
CK NF 77% 
 
5.2 Correlation of Membrane Surface Properties with Fouling Behavior 
 In this section, membrane surface properties (contact angle and surface morphology) with 
respect to particle deposition were calculated. The flux decline rate is shown to be related to 
these physical and chemical properties of membrane surface.  
 
5.2.1 Surface morphology 
 Membrane surface morphologies for each of the four membranes studied were measured 
using an AFM and are shown in Figure 35. The BW30 and XLE membranes depict a ridge-and-
valley morphology, while the NF and CK membranes reveal a smoother surface morphology. 
The AFM 2D images in Appendix A also verify the striking differences between the surfaces 
morphologies of the four membranes studied. It is noted the NF membranes have defects on the 
surface indicating the membrane may possess imperfections or have been damaged. The 
parameters obtained from AFM analysis are shown in Table 7. By comparing with the flux 
decline rate in Figure 18, Figure 23, and Figure 28, it can be concluded for the particles being 
tested, membranes with a higher mean roughness or root mean square (RMS) roughness suffer 
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 from fouling at a higher speed, while a smooth surface can reduce the fouling. The mean value of 
the membrane surface was found to have no correlation to membrane fouling behavior. 
 
 
 
(a) 
(b) 
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Figure 35: AFM images of (a) DOW BW30 (RO); (b) DOW XLE (RO); (c) DOW NF (NF); (d) 
GE Osmonics CK (NF). Note the X and Y dimensions are both 10μm (2μm/div), and the Z scale 
us 1μm (500nm/div). 
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 Table 7 AFM analysis of surface roughness 
Membrane Average roughness nm 
RMS* 
nm 
Mean 
nm 
BW30 30.0 38.1 0 
XLE 81.1 106 0.123 
NF 6.50 9.20 1.73 
CK 5.10 6.60 0.0180 
* RMS: root mean square 
5.2.2 Contact angle 
Contact angle measurements of clean membranes and membranes with particle 
deposition were collected and are presented in Table 8. There is no correlation between contact 
angle and flux decline rate. For each type of membranes, SiO2 and CeO2 increase the surface 
hydrophilicity, while TiO2 increases the surface hydrophilicity of BW30 and XLE membranes 
and decreases the hydrophilicity of NF and CK membranes. 
Table 8: Contact angle of clean and particle deposited membranes 
Membrane Condition Contact angle 
BW30 
Clean 58.4 
SiO2 48.8 
TiO2 54.0 
CeO2 51.5 
XLE 
Clean 61.5 
SiO2 54.2 
TiO2 53.2 
CeO2 46.4 
NF 
Clean 55.5 
SiO2 51.4 
TiO2 63.9 
CeO2 49.4 
CK 
Clean 61.1 
SiO2 58.8 
TiO2 62.9 
CeO2 54.5 
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 5.3 Simulation of Cake Deposit Fouling 
5.3.1 Numerical representation of membrane surface morphology 
With the surface parameters given in Table 5, the hypothetical clean membrane surfaces 
can be generated by MATLAB (Version 7.10.0)  using the NORMRND and SMOOTHN 
functions and are depicted in Figures 36(a) to (d). The initial localized 𝑘𝑤𝑖  and 𝐹𝑤𝑖 can be 
calculated by Eq. (3.59) and Eq. (3.1). The time interval 𝑑𝑡 was 12min defined by the flow meter 
recording system. Based on this time interval, the localized cake layer growth can be calculated 
at each time increment described by Eq. (3.62) and Eq. (3.63). The overall cake thickness is the 
average of the cake thickness at each uniform slice. Two simulated cases are considered 
depending on if the back transport is significant. 
 
 
(a) 
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(b) 
(c) 
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Figure 36: Numercial plot of membranes surface stuctures of  (a) BW30 RO membrane; (b) XLE 
RO membrane; (c) NF NF membraen; (d) CK NF membrane. Note the X and Y dimensions are 
both 10μm (1μm/div), and the Z scale is 520nm (10nm/div). 
 
5.3.2 Effect of surface roughness on overall rate of cake growth  
At an early stage of fouling, when particle back transport can be negligible (𝑘1𝐹𝑤𝑖 ≫
𝑘2𝛿𝑐𝑖), the permeate flux is controlled by the resistance of cake growth assumed to be, and the 
permeate flux decreases linearly due to the quick growth of cake. This condition is predicted 
under the assumption that the rate of cake growth is much higher than the rate of particle back 
diffusion. By fitting the experimental data into Eq. (3.63) using a trial and error procedure, 𝑘1 
can be solved. For different membranes tested with different particles, this condition only held 
until certain percentage of flux decline. Table 9 shows the percentage of flux decline when the 
back diffusion is assumed be negligible.  
 
(d) 
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Table 9: Percentage of flux decline when the 𝑘1𝐹𝑤𝑖 ≫ 𝑘2𝛿𝑐𝑖 condition held 
Membrane SiO2 TiO2 CeO2 
BW30 93% 86% 92% 
XLE 90% 80% 90% 
NF 93% 98% 96% 
CK N/A N/A 97% 
 
At the next stage of fouling, it is assumed that the particle back diffusion term (𝑘2𝛿𝑐𝑖) 
gains importance in comparison with the cake growth term (𝑘1𝐹𝑤𝑖) in Eq. (3.60). The permeate 
flux begins to decline at a lower rate as compared with the previous stage, and 𝑘2 was also 
determined by fitting the simulated permeate flux to the experimental monitored flux data using 
trial and error. In this work, the ratio of 𝑘1 over 𝑘2 are used to evaluate the significance of the 
cake growth term (𝑘1𝐹𝑤𝑖) and particle back diffusion term (𝑘2𝛿𝑐𝑖) which is shown in Table 10. 
Table 10: 𝑘1 and 𝑘2 values for different membranes tested with different particles 
Membrane Particle 
Cake growth term 
Particle back diffusion 
term 
𝑘1
𝑘2
 RMS* Applied Pressure 
psi 𝑘1 𝑘2 
XLE 
CeO2 
0.105 0.000550 191 106 130 
BW30 0.028 0.000120 233 38.1 260 
NF 0.030 0.000320 94 9.20 130 
CK 0.015 0.000090 167 6.60 230 
XLE 
SiO2 
0.029 0.000121 236 106 130 
BW30 0.020 0.000070 286 38.1 260 
NF 0.016 0.000050 320 9.20 130 
CK no flux decline, 
𝑑𝛿𝑐𝑖
𝑑𝑡
= 0  0 6.60 230 
XLE 
TiO2 
0.060 0.000250 240 106 130 
BW30 0.023 0.000781 295 38.1 260 
NF 0.014 0.000080 175 9.20 130 
CK no flux decline, 
𝑑𝛿𝑐𝑖
𝑑𝑡
= 0 0 6.60 230 
* RMS: root mean square 
 
86 
 
 In the cake resistance model, a smaller ratio of  𝑘1
𝑘2
 indicates back diffusion 𝑘2 is more significant 
and more particles remain in the bulk flow. The XLE and BW30 membranes have a higher 𝑘1
𝑘2
 
value than the other NF membranes, indicating that the permeate flux is determined by the cake 
layer resistance and back diffusion is less significant. There is no observed flux decline when 
testing CK membranes with SiO2 or TiO2, so Eq. (3.60) can be approximated to zero and  
𝑘1
𝑘2
 is 
determined by the following: 
𝑘1
𝑘2
≈
𝛿𝑐𝑖
𝐹𝑤𝑖
                                                                                                                                                     (5.1) 
Where 𝛿𝑐𝑖  equals zero and 𝑘2 → ∞ . It is also noted that in most cases XLE and BW30 
membranes have a higher RMS value (Table 10) than NF and CK membranes, which 
corresponds to a higher 𝑘1
𝑘2
 ratio. In addition, when comparing the XLE and BW30 membranes, a 
higher applied pressure tends to produce more resistance for particle back diffusion, thereby 
BW30 membranes have a higher 𝑘1
𝑘2
 ratio than XLE membranes.  
For NF membranes, it is observed from Figures 32 to 34 that the salt rejection at the end 
of each experiment declined about 40% to 85% when feed water contained particles. In the cake 
resistant model described in this study, the permeate flux is assumed to be affected by the 
resistance from cake growth. However, when the NF membranes were fed with particles, the 
osmotic pressure difference across the membrane films (∆π) deceased over time due to the 
declined salt rejection, and the decreased ∆π will in turn increase the permeate flux. In addition, 
AFM images showed some imperfections on the NF membrane surfaces. Any of these reasons 
might cause the abnormal performances of the NF membranes. Therefore the fouling model 
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 described in this study might not capture the complexity of the NF membranes. Thus, this model 
can only effectively predict permeate flow for the XLE and BW30 membranes, with the 
assumption that the growing cake layer causes flux decline and the net pressure (∆p − ∆π) stays 
constant. 
5.3.3 Effect of non-homogeneous surface on particle deposition distribution 
 The non-uniform membrane permeability has been simulated using Eq. (3.59) where the 
growth of the deposit particles on the BW30 and XLE membranes were studied. Using the 
empirical coefficients shown in Table 10, the localized cake thickness can be calculated by Eq. 
(3.62) and Eq. (3.63). As an example, Figures 37 presents the cake thickness distribution through 
spatial and temporal variation for BW30 and XLE membranes. At the beginning of the fouling 
experiment, the distribution of cake thickness along the membrane channel is similar to the 
ridge-and-valley distribution on the clean membrane surface. As the particles fill in the valley 
portions of the membrane surfaces, the magnitude between ridge and valley is gradually 
diminished. This difference is demonstrated in Figure 37 (b) in terms of Δδ0 as the cake 
thickness difference between the ridge and valley at the beginning and Δδm as in the end of the 
experiment. This would suggest that the valley areas of the membranes are filled up by particles 
at a higher rate than the ridges, which correlates to the observed flux decline.  
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Figure 37: Simulation of cake thickness growth along the membrane channel during the fouling 
experiments: (a) BW30 RO; (b) XLE RO. Noted that feed stream contained 135mg/L SiO2 and 
ionic strength was maintained as 0.05M NaCl. 
 
(a) 
(b) 
Δδ0 
Δδm 
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 5.3.4 Comparison of simulation and experimental results 
Using 𝑘1 and 𝑘2 from Table 10, the fitted lines and the experimental data for the BW30 
and XLE membranes are plotted from Figure 38 to Figure 43. The solid line represents the model 
fit using coefficients from Table 10. In the first stage of fouling, the cake growth is proportional 
to the flux decline and the back diffusion is minimized. In the second stage of fouling, the cake 
growth rate decreases due to the back diffusion of particles and the flux curve flattens slightly. 
The fit lines appear to be in good agreement with the experimental data. 
 
Figure 38: Permeate flux over time with 135mg/L SiO2 in the feed stream tested on the BW30 
membrane 
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Figure 39: Permeate flux over time with 135mg/L TiO2 in the feed stream tested on the BW30 
membrane 
 
 
Figure 40: Permeate flux over time with 135mg/L CeO2 in the feed stream tested on the BW30 
membrane 
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Figure 41: Permeate flux over time with 135mg/L SiO2 in the feed stream tested on the XLE 
membrane 
 
 
Figure 42: Permeate flux over time with 135mg/L TiO2 in the feed stream tested on the XLE 
membrane 
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Figure 43: Permeate flux over time with 135mg/L CeO2 in the feed stream tested on the XLE 
membrane 
 
5.4 Particle Deposition Study Quality Assurance and Quality Control 
To ascertain the validity of the data collected during the particle deposition studies, 
sample collection included analysis of duplicate samples. The duplicate measurements were 
translated into statistical terms that were used to monitor the quality of the data over the duration 
of this study and to ascertain the validity of a sample set. For the applicable parameters measured 
at the laboratory, quality control was monitored and evaluated with the aid of Quality Control 
Chart. This control chart has calculations associated with it that allow the analyst to monitor 
warning limits and control limits. 
 Precision is the reproducibility of a method repeated on a pair of duplicate samples 
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 procedure. A minimum of ten percent of all samples, or at least one sample per day (whichever is 
greater) require duplicate analysis for precision monitoring. The precision of duplicates is 
calculated using relative percent difference (𝑅𝑃𝐷), as described by the following formula: 
𝑅𝑃𝐷 = |𝐴 − 𝐵|(𝐴 + 𝐵)/2 ∗ 100%                                                                                                                    (5.2) 
Where 𝐴 is the concentration of duplicate sample A and B is the concentration of duplicate 
sample 𝐵.  
The standard deviation (𝑠𝑑) is defined in Eq. (5.3). 
𝑠𝑑 = �∑ (𝑅𝑃𝐷𝑖 − 𝑅𝑃𝐷������)2𝑛𝑖=1
𝑛 − 1 �12                                                                                                                (5.3) 
Where 𝑅𝑃𝐷������ is the mean of 𝑅𝑃𝐷 and 𝑛 is the number of pairs of duplicate samples. 
The sample mean and standard deviation are used to define the acceptable region for duplicate 
analysis. The control level (𝐶𝐿) and warning level (𝑊𝐿) are calculated by Eq. (5.4) and (5.5), 
respectively. 
𝐶𝐿 = 𝑅𝑃𝐷������ + 3𝑠𝑑                                                                                                                                      (5.4) 
𝑊𝐿 =  𝑅𝑃𝐷������ + 2𝑠𝑑                                                                                                                                   (5.5) 
The 𝑅𝑃𝐷  values above 𝐶𝐿  are deemed out of control, all the data obtained after the last 
demonstrated to be in control have to be rejected since the system is out of control. Analyses 
should be stopped until the cause of the violation is ascertained and remedied. If the 𝑅𝑃𝐷 values 
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 exceed 𝑊𝐿 , analytical procedures will be reviewed for possible errors but analyses will be 
continued unless two subsequent determinations fall outside the region. 
 A control chart for the particle deposition studies described in this section was 
established by measuring two duplicate samples at each day over ten days of continuing 
experiments. The control chart is shown in Figure 44. There is one data point that falls outside 
the warning limit yet remains within the control limit, indicating that the overall performance of 
the laboratory was acceptable. 
 
Figure 44: Control chart 
 
 
0 
0.005 
0.01 
0.015 
0.02 
0.025 
0.03 
0.035 
0.04 
0 2 4 6 8 10 
RP
D 
Day 
CL 
WL 
95 
 
 5.5 Model Simulation of a Full-Scale Reverse Osmosis Process Based on Mass Transport 
Principles 
A simulation was conducted using data obtained from the city of Sarasota’s 4.5 million 
gallon per day (MGD) brackish groundwater membrane desalination plant located along 
Florida’s southwest coast. The city’s RO plant consists of three 1.5 MGD process skids, where 
each skid is arranged in a 2-1 array contains twenty-eight eight-inch diameter six-element 
pressure vessels (PVs) in the first stage and fourteen eight-inch diameter six-element PVs in the 
second stage. The city of Sarasota provided information obtained from more than eight years of 
continuous RO process operation, that included feed, permeate, and concentrate stream pressure, 
conductivity, flow rate, and water recovery data. The permeate flow and salt passage data was 
normalized according to ASTM standard (Annual Book of ASTM Standards, 2010) using, in part, 
data presented in Table 11.  
 
Table 11: City of Sarasota RO Process Overview 
Parameter Unit 1st Stage 2nd stage 
Manufacturer  Hydranautics 
Membrane Type  CPA3/RO ESPA2-LD/RO 
Element Area sq ft 400 400 
Permeate Flow gpd 1,000,000 400,000 
Recovery % 54 44 
Feed pressure psi 180 145 
Feed TDS mg/L 1967 4028 
Conductivity μs/cm 3242 8184 
Feed pH / 5.8 5.8 
Temperature °C 26-29 26-29 
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 As shown in Table 11, the full scale RO system utilizes two different types of membranes 
manufactured by Hydranautics (Oceanside CA). The corresponding membrane surfaces, shown 
in Figures 10(b) and 10(c), were obtained from Hydranautics and used for subsequent model 
fitting and validation. From over 5040 data points available, 70% were used for model fitting, 
and the remaining 30% were used for simulation. The parameters used in the simulation are 
listed in Table 12. The normalized water mass transfer coefficient (𝑘𝑤����) was obtained by fitting 
the permeate flux over the pressure difference across the membrane, as described by Eq. (3.1), 
and the normalized salt mass transfer coefficient (𝑘𝑠���) was obtained by fitting the salt permeate 
flux over the concentration difference across the membrane, as described by Eq. (3.2). The 
diffusivities of salts were calculated by averaging the ions’ diffusivities with weighting factors in 
the feed stream.  
 
Table 12: Summary of Full-Scale Simulation Paramters 
Parameter Unit 1st Stage 2nd stage 
Water density (25°C) Kg/m3 997*103 997*103 
Water viscosity (25°C) N s/m2 0.89*10-3 0.89*10-3 
Diffusivity of salts m2/s 1.29*10-9 1.27*10-9 
Feed channel height m 7.9*10-4 8.6*10-4 
Total length of channel m 4.69 4.86 
Channel width m 0.917 0.917 
Number of leaves / 26 25 
Average velocity  m/s 0.12 0.11 
Reynolds number (Re) / 208 214 
Water (𝑲𝒘����) m/s-psi 5.37*10
-8  7.52*10-9 
TDS (𝒌𝒔���) m/s  6.18*10
-8 5.53*10-8  
Number of uniform slice / 1000 1000 
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 5.5.1 Numerical Simulation 
A numerical simulation was implemented initially to develop the concentration and 
flow profiles in the membrane channel. This incremental representation of the flow rate through 
each uniform slice of the membrane element allowed for the simulation of the solute 
concentration profile. Using the parameters listed in Table 12, mass transfer coefficients 𝑘𝑠𝑖 and 
𝑘𝑤𝑖 can be determined by localized thickness and are presented in Figures 45 and 46. Figure 45 
and 46 show the effect of thickness variation on the solute and solvent mass transfer coefficients 
for both types of membrane used by the plant. The peak and bottom of 𝑘𝑠𝑖  and 𝑘𝑤𝑖   can be 
related to the valleys and ridges on membrane surface. It is reasoned the rate mass transport at  
the valleys of a membrane surface is faster which contributes the majority of mass permeating 
the membrane, while the transport of mass retained at the ridges will pass through the membrane 
at a lower rate.  
Figure 45: Simulation of solute mass transfer coefficient for CPA3 RO membrane (first stage) 
and ESPA2-LD RO membrane (second stage) 
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Figure 46: Simulation of solvent mass transfer coefficient for CPA3 RO membrane for the first 
stage and ESPA2-LD RO membrane for the second stage 
 
When 𝑘𝑠𝑖  and 𝑘𝑤𝑖  are solved, the permeate flow(𝑄𝑝𝑖)  can be simulated along the 
membrane channel with the average of feed flow and concentration as the initial condition for 
simulation, shown in Figure 47. With increasing axial distance, the overall trend of permeate 
flow decreases along the membrane channel as a result of the combined effect of pressure head 
loss and increased osmotic pressure as the dissolved solute concentrate along the feed-
concentrate membrane channel. However, this effect is reduced by the thickness variation where 
a higher permeate solvent flow occurs at the valleys.  
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  Figure 47: Simulation of permeate flow along the membrane channel 
 
Figure 48 describes the effect of the concentration polarization layer on the 
concentration profile between the bulk flow (𝐶𝑖) and membrane surface (𝐶𝑚𝑖) for each stage. 
Because the solute is incompletely retained by the membrane, the solute concentration in the 
bulk flow and on the membrane surface increases along the membrane channel, but at a slower 
pace in the first stage. It is also observed that the concentration difference between 𝐶𝑖  and 
𝐶𝑚𝑖 increases in the second stage due to higher feed concentration and higher surface variation. 
This can lead to significant cake deposit on the membrane and further reduce the permeate flux. 
Once 𝑘𝑠𝑖, 𝐶𝑚𝑖, and 𝑄𝑝𝑖 are solved, the permeate concentration (𝐶𝑝𝑖) along the membrane channel 
can be determined using Eq. (3.26). The permeate concentration is plotted in Figures 49. Both 
stages clearly show the permeate concentration increases along the membrane channel. This 
suggests that a higher salt passage occurs at the end of the membrane channel as a result of an 
increased concentration polarization effect in the cross flow direction. Moreover, Figure 49(b) 
shows a larger concentration variation between the ridge and valley than Figure 49(a), indicating 
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 the membrane used for the first stage (CPA3) has a smoother surface than the one used for the 
second stage (ESPA2-LD). This observation is consistent with information provided by the 
manufacturer (Figure 8). 
 
 
 
Figure 48: Simulation of solute concentration in the bulk flow and on membrane surface along 
the membrane channel: (a) first stage; (b) second stage 
 
(a) 
(b) 
101 
 
  
 
 
Figure 49: Simulation of TDS permeate concentration along the membrane channel: (a) first 
stage; (b) second stage 
  
(b) 
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 5.5.2 Model validation 
The prediction of permeate concentration is determined by the total mass permeating the 
membrane divided by the permeate flow rate. Results of the model validation are presented in 
Figure 50 showing predicted versus actual plots for each stage. The solid line in Figure 50 
represents the ideal line where no error is observed between predicted and actual data. The 
simulation results clustered around the solid line indicating a good prediction. Further model 
validation was performed through calculation of the average percentage of difference (APD) 
between actual permeate TDS concentrations and predicted concentrations. APD is defined as 
the percentage of absolute difference between the actual and predicted concentration divided by 
the actual concentration. Initially, the APD was averaged on a weekly basis for each model, by 
stage, shown in Figures 51. Figure 51 illustrates that the weekly APDs appear to aggregate in a 
lower and narrower range for the first stage when compared with the second stage but most 
predictions by both stages are within 5% to 15% of the APD. Some substantial deviations 
between the predicted and actual values occurred. This might be partially caused by plant 
process operations when rotation of the source water causes variation of salt composition in feed 
water or alteration of applied pressure to maintain a constant recovery. 
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Figure 50: Comparison of actual and simulated TDS concentration in permeate flow for both 
stages 
 
 
            
Figure 51: Average percentage of difference between actual and simulated TDS concentration in 
permeate flow: (a) first stage; (b) second stage 
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 5.6 Results of HSDM-Based Model 
5.6.1 Numerical Simulation 
 A numerical simulation was implemented to develop flow profiles along the membrane 
channel. This incremental representation of the flow rate through each uniform slice of the 
membrane channel allowed for simulation of the solute concentration profile. These components 
are integrated into the NHDM and NHDMCP model approaches together with membrane surface 
considerations to predict permeate solute concentrations. Feed flow (𝑄𝑓), feed concentration (𝐶𝑓), 
transmembrane pressure (𝛥𝑝), and the MTCs for water (𝑘𝑤) and solute (𝑘𝑠) are necessary to 
develop the flow rate and concentration profiles. These parameters were collected from on-going 
pilot studies of the City of Sarasota’s brackish groundwater desalination plant located in Sarasota, 
FL. The pilot plant is scaled dimensionally to represent the city’s full-scale 4.5 MGD RO process. 
Feed, permeate, and concentrate pilot plant water qualities of the pilot plant were monitored for 
seven months during 2010. The pilot skid is a two-staged system containing twelve four inch 
diameter elements in the first stage and six four inch diameter elements in the second stage. Each 
pressure vessel contains three elements so there are six pressure vessels in operation for the pilot 
plant. During the course of the pilot study, water quality samples were collected and analyzed 
weekly. The operating conditions for the pilot plant skid in addition to the applicable water 
quality parameters are summarized in Table 13. 
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 Table 13: General information of Regarding the RO Pilot Plant 
Parameter Unit Pilot System 
Manufacturer -- Hydranautics 
Membrane element -- CPA3 – 1st Stage; ESPA2– 2nd Stage 
Element Area sq ft 85 
Feed Flow gpm 21.1 
Recovery % 75 
Sodium concentration - feed  mg/L 284 
Potassium concentration - feed mg/L 6.2 
Feed pH  6.9-7.3 
Temperature °C 23-30 
 
Sodium (Na+) and potassium (K+) were detected in the permeate stream at quantities 
above the minimum detection level and hence were chosen to serve as the water quality 
parameters that would be used for model fitting purposes. Numerous additional water quality 
parameters were analyzed including calcium, magnesium, sulfate, chlorides, alkalinity, hardness 
and total dissolved solids; however, these were not used for model fitting. Table 12 indicates a 
range of feed water pH values for the pilot system. During the operational period of the pilot 
system, research was being conducted to assess the impacts of reducing and eliminating sulfuric 
acid pre-treatment from the full-scale membrane process. This operational change is reflected in 
the feed water pH measurements collected during the pilot-study, ranging from 5.8 to 7.1 pH 
units. However, this operational change in pH does not significantly affect the sodium or 
potassium concentrations, unlike the effects noted on hydrogen sulfide or bicarbonate alkalinity 
as reported by Tharamapalan and coworkers (Tharamapalan et al., 2013). The parameters used in 
the simulation are listed in Table 14.  
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Table 14: Parameters for simulation 
Parameter Unit 1st Stage 2nd stage 
Water density (25°C) Kg/m3 997*103 997*103 
Water viscosity (25°C) N s/m2 0.89*10-3 0.89*10-3 
Diffusivity of sodium m2/s 1.33*10-9 
Diffusivity of potassium m2/s 1.96*10-9 
Feed channel height m 7.9*10-4 8.6*10-4 
Total length of channel m 2.48 2.43 
Channel width m 0.917 0.917 
Average velocity  m/s 0.13 0.11 
Reynolds number (Re) / 235 219 
Water MTC(𝒌𝒘) m/s-psi 8.05*10-8 
Na MTC(𝒌𝒔) m/s  1.57*10-7 
K MTC(𝒌𝒔) m/s 1.46*10-7 
Number of uniform slice / 1000 1000 
 
To initiate the simulation, the membrane channel was divided into a finite number of 
uniform slices using a finite difference method to allow the water qualities to be determined 
locally. The average of sodium feed concentrations was used for both stages to demonstrate the 
simulations of HSDM, NHDM, and NHDMCP. The localized MTCs are shown in Figure 52 and 
Figure 53 for both stages. The flat horizon line represents the MTCs used in HSDM where a 
homogeneous diffusion is assumed. The peak and bottom of 𝑘𝑠𝑖 and 𝑘𝑤𝑖  can be related to the 
valleys and ridges on membrane surface. It is observed that faster mass transport occurs at the 
valleys of a membrane surface which contributes the majority of mass permeating the membrane, 
while the rest of the mass is retained at the ridges and passes through the membrane at a lower 
rate.   
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 Figure 52: Simulation of solvent MTCs for HSDM and NHDM/NHDMCP 
 
 
Figure 53: Simulation of solute MTCs for HSDM and NHDM/NHDMCP 
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 The MTC (𝑘𝑑) within the concentration polarization layer is depicted in Figure 54 for 
each stage. It was noted that  𝑘𝑑 decreases in the cross flow direction due to a declined cross 
flow velocity along the membrane channel. It decreases at a slower speed in the second stage. 
This can be explained by an enhanced concentration polarization effect in the second stage 
resulted from a higher solute concentration, which hinders the degree of 𝑘𝑑 declining.  
Figure 54: Simulation of 𝑘𝑑 along the membrane channel 
 
Once the MTCs are solved, the permeate flow (𝑄𝑝𝑖) can be determined by Eq. (3.43) and 
simulated along the membrane channel with 1.33*10-3m/s (21.1gpm) as feed flow for the first 
stage and 6.12*10-4m/s (9.7gpm) for the second stage. The average sodium feed concentrations 
for the first stage and second stage are 300mg/L and 615mg/L, respectively, and were used as the 
initial concentration for simulation. Figure 55 shows the permeate flow along the membrane 
channel. In the cross flow direction, the overall trend of permeate flow decreases as a result of 
the accumulated effect of pressure head loss and increased osmotic pressure. However, this 
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 effect is reduced by the thickness variation where a higher permeate flow occurs at the valleys. 
In addition, the dependency of permeate flow on applied pressure was simulated for both stages 
and is shown in Figures 56(a) and (b). In both figures, when the applied pressure increases, the 
permeate flow increases but the increase rate declines towards the high end of the pressure range. 
When comparing the range of permeate flow, the permeate solvent flow in the second stage 
increases in a lower rate than in the first stage within the same pressure increment. This 
observation indicates that with a higher salt feed concentration, increases in applied pressure are 
counted by increases in osmotic pressure, causing the permeate flux increases in a lower rate. 
Figure 55: Simulation of permeate flow along the membrane channel 
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 Figure 56: Simulation of Permeate flow versus applied pressure: (a) first stage; (b) second stage 
 
The solute concentration in the bulk flow 𝐶𝑖 and on the membrane surface (𝐶𝑚𝑖) for each 
stage was determined by Eq. (3.40) and Eq. (3.49) and are shown in Figures 57(a) and (b). As the 
solute is incompletely rejected by the membrane, both 𝐶𝑖 and 𝐶𝑚𝑖 increase along the membrane 
channel. The ridge and valley curve indicates the concentration on the membrane surface was 
affected by the surface morphology. The permeate concentration predicted by NHDM/NHDMCP 
(a) 
(b) 
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 at each stage are shown in Figures 58(a) and (b). The permeate concentration increases in the 
cross flow direction. It is noted that the prediction by NHDMCP is affected by surface 
morphology, while the prediction by NHDM is less affected by surface morphology. 
 
Figure 57: Simulation of solute concentration in the bulk and on the membrane surface: (a) first 
stage; (b) second stage 
(a) 
(b) 
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Figure 58: Simulation of solute permeate concentration by NHDM/NHDMCP: (a) first stage; (b) 
second stage 
  
(a) 
(b) 
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 5.6.2 Prediction and Comparison of NHDM with the NHDMCP and the HSDM 
NHDM, NHDMCP, and HSDM were developed based on different membrane active 
layer topographies. Figure 9(a) demonstrates a HSDM application that assumes a flat surface and 
corresponding constant solute MTCs. As a comparison, a non-uniform active layer membrane 
surface depicted in Figures 9(b) and 9(c) is incorporated into NHDM and NHDMCP. Model 
fitting and validation was conducted using data collected from the pilot plant located at the city 
of Sarasota’s 4.5 MGD brackish groundwater membrane desalination plant. 
Assessment of NHDM, NHDMCP and HSDM’s performance was accomplished first by 
comparing model predictions with actual pilot-scale data. The predicted versus actual plot for 
permeate concentration of sodium and potassium was developed in stages for each model. The 
models were then evaluated numerically through calculation of APD between model predictions 
and full scale data. Qualitative assessment through observation of the predicted versus actual 
plots along with comparison of calculated APD for each model were used to determine the 
relative performance of NHDM, NHDMCP, and HSDM as well as further assess the merit of the 
non-homogeneous diffusion concept for salt passage in membrane processes.. 
Results of sodium predictions are presented in Figures 59(a) to (c) by NHDM, NHDMCP, 
and HSDM. The solid lines represent the ideal line where no error is observed between predicted 
and actual data while the dashed lines represent the best numerical fit to the plot. The NHDM 
appears to under predict sodium permeate concentration for both stages, while the HSDM seems 
to over predict in the first stage and under predict the second stage. Prediction by NHDMCP is 
closer to the ideal prediction line, which shows improved accuracy compared with the other 
models. This suggests that the NHDMCP method shows improved accuracy with respect to 
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 predicting sodium permeate concentration for the conditions tested in the study.  Predicted versus 
actual plots for potassium are depicted in Figures 60(a) to (c). The HSDM appears to over 
predict permeate concentrations in the first stage, while under prediction is observed for the 
second stage. Both NHDM and NHDMCP show more accurate prediction in both stages. 
Predictions by NHDMCP are closer to the ideal line. For potassium prediction, this qualitative 
analysis suggests that the NHCM and NHDMCP provide improved accuracy compared with 
HSDM.   
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Figure 59: Comparison of actual and simulated sodium concentration in permeate flow predicted 
by: (a) NHDM, (b) NHDMCP, (c) HSDM 
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Figure 60: Comparison of actual and simulated potassium concentration in permeate flow 
predicted by: (a) NHDM, (b) NHDMCP, (c) HSDM 
 
0.0 
0.1 
0.2 
0.3 
0.4 
0.5 
0.6 
0.7 
0.8 
0.9 
0 0.5 1 
Pr
ed
ic
te
d,
 m
g/
L 
Actual, mg/L 
0.0 
0.1 
0.2 
0.3 
0.4 
0.5 
0.6 
0.7 
0.8 
0.9 
0 0.5 1 
Pr
ed
ic
te
d,
 m
g/
L 
Actual, mg/L 
0.0 
0.1 
0.2 
0.3 
0.4 
0.5 
0.6 
0.7 
0.8 
0.9 
0 0.5 1 
Pr
ed
ic
te
d,
 m
g/
L 
Actual, mg/L 
(a) NHDM 
(b) NHDMCP 
(c) HSDM 
1st stage 
2nd stage 
1st stage 
2nd stage 
1st stage 
2nd stage 
117 
 
 Further accuracy comparisons were accomplished quantitatively through calculation of 
the average percent difference (APD) between actual permeate solute concentrations and 
predicted concentrations. The results are shown in Figure 61 and Figure 62 for sodium and 
potassium, respectively. Figure 63 illustrates that the weekly APDs for sodium appear to 
aggregate in a lower and narrower range for the NHDMCP when compared with the HSDM and 
NHDM, while potassium appears to be predicted better by the NHDM. An overall APD 
determined for each model along with the associated standard deviations’ results are summarized 
in Table 15. For sodium prediction, the overall APD and the standard deviation for the 
NHDMCP method are lower than the NHDM and HSDM methods. For potassium prediction, the 
NHDM appears to be a better model. This can be explained by the low concentration of 
potassium in the feed stream. With such a low concentration, the concentration polarization 
might not be a significant factor when predicting the permeate concentration. The data in Table 
15 suggest that both NHDMCP and NHDM provide more accurate prediction of permeate 
sodium and potassium when compared with the HSDM. Consequently, consideration of non-
homogeneous diffusion in RO membrane processes may provide a more accurate prediction of 
solute permeate concentration when using diffusion-based mass transfer models. 
Table 15: Summarized APD for NHDMCP with the NHDM and the HSDM 
 Sodium Prediction Potassium Prediction 
 APD  StDev APD StDev 
NHDMCP 7.6% 5.5% 13.0% 7.0% 
NHDM 9.4% 5.7% 9.0% 7.1% 
HSDM 10.0% 7.0% 32.2% 20.6% 
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Figure 61: Graphical presentation of weekly APD for sodium 
 
 
 
Figure 62:  Graphical presentation of weekly APD for potassium 
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CHAPTER 6: CONCLUSIONS 
Several mathematical models have been postulated or developed over the years for 
describing solute and solvent mass transport in membrane processes based on a homogeneous 
membrane surface. In this work, the effects of the uneven, ridge and valley morphology of the 
membrane active layer on solvent and solute mass transport was investigated. It was determined 
that solute mass transport is controlled by non-homogeneous diffusion in the thinner regions 
(membrane valleys) of the active layer. This non-uniform surface also affects the concentration 
polarization layer, where more solutes tend to accumulate on the valleys than on the ridges. 
Mathematically, the uneven RO membrane active layer was approximated by a Gaussian 
distribution with a specified mean value and standard deviation. Simulations were performed 
based on this surface property and solved using a finite difference method to numerically 
investigate the non-homogeneous phenomenon. As a result, the mass transfer coefficients (𝑘𝑠𝑖, 𝑘𝑤𝑖)  were simulated in the cross flow direction to predict the permeate flow profile, 
retained solute concentration gradient in the bulk flow and on the membrane surface, and the 
permeate concentration gradient within the membrane permeate channel. 
Upon completion of the theoretical work, bench scale fouling experiments were 
conducted to investigate the role of membrane surface properties on the fouling behavior of RO 
and NF. Three different nanoparticles were injected into the feed stream and the intensity of 
fouling was characterized in terms of relative flux (f/f0). With the same particle concentration, 
feeding with CeO2 or TiO2 to the membrane processes results in higher permeate flux decline 
compared with using SiO2. In these cases, the intensity of fouling was markedly influenced by 
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 membrane surface morphology. The AFM analysis reveals that the higher fouling rate of the 
XLE and BW30 membranes compared to that of the NF and CK membranes is due to the 
inherent ridge-and-valley morphology of the XLE and BW30 membranes. This unique 
morphology increases the surface roughness, leading to particles accumulation in the valleys, and 
causing more flux decline than in smoother membranes. Simulation results also indicate back 
diffusion of deposit particles is more severe on the smoother membranes than on the rough 
membranes. The work completed in this research suggests that the valley areas of membranes 
have the ability to capture the particles and protect them from back diffusion. 
 Extended fouling experiments were conducted using the BW30 RO membranes to 
compare the effect of different particles on actual process water versus laboratory-derived water. 
When feeding with controlled laboratory-derived water, the flux declines at a similar rate 
regardless of particle types. But when feeding with diluted RO feed water from a sea water 
desalination plant, CeO2 results the least fouling compared to the other particles.  
To investigate the role of surface morphology on salt passage, simulations were 
performed with full-scale data from a 4.5 MGD brackish groundwater RO membrane plant 
located in the city of Sarasota, Florida. Feed TDS concentration, feed flow, and feed applied 
pressure were used as initial conditions for solving the mass transport equations developed in this 
study. Predicted TDS permeate concentration was compared with the monitored plant data 
through development of predicted versus actual plots and calculation of APD. The results 
demonstrated that the surface morphology has impacted the permeate flow profile, the 
concentration gradient on the membrane surface, and the concentration gradient within the 
permeate channel. A smoother surface indicated a less deviation in permeate flow profile and 
concentration gradient across the membrane film, thereby reducing the fouling potential. 
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Based on the same concept, a non-homogeneous diffusion model was developed with and 
without the concentration polarization effect and was compared with the HSDM. The mass 
transport across the membrane film was affected by the uneven morphology of the membrane 
surface. Mathematically, the uneven RO membrane active layer was created by a Gaussian 
random vector with a specified mean value and standard deviation. The NHDM and NHDMCP 
were developed based on this surface property and solved numerically to investigate the 
non-homogeneous phenomenon assuming that solute and solvent MTCs vary with active 
layer thickness. By comparison, the HSDM was studied based on a flat surface characteristic 
which assumes constant MTCs. Additional advantages of the non-homogeneous approach 
include the ability to predict the hydraulic flow and solute concentration gradient in the bulk 
flow and on the membrane surface.  
The NHDM, NHDMCP, and HSDM were verified using pilot plant data from a 
brackish groundwater plant located in Florida. The relative performance of these three 
models was compared through development of predicted versus actual plots and calculation of 
the APD for sodium and potassium. Observation of predicted versus actual plots indicated that 
the NHDMCP and NHDM predictions were in closer agreement with actual permeate 
concentrations. APE calculations indicated the NHDMCP provides more accurate predictions of 
solute concentration with a high concentration in the feed stream, while the NHDM appears to be 
a more accurate model when predicting solute permeate concentration with a low feed 
concentration. This can be explained by the role of CP effect on mass transfer with different 
feed solute concentration. CP appears to be more significant in determining the salt passage 
when the solute feed concentration is higher. With further study on more solutes, a break 
point in feed stream concentration could be determined where the NHDMCP would be 
applied instead of the NHDM.  
122 
However, because the model that was developed in this research was based on the 
conditions of the City of Sarasota’s membrane process, this work should be repeated at another 
facility to determine overall applicability across a broader range of conditions. For example, the 
model could be evaluated for those conditions experienced in nanofiltration or seawater salinity 
membrane operations, as well as other similar brackish groundwater applications.  
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 APPENDIX A  
ATOMIC FORCE MICROSCOPY (AFM) IMAGES OF MEMBRANES IN 
TWO-DIMENSIONS (2-D) 
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Figure 63: AFM 2D images of: (a) BW30; (b) XLE; (c) NF; (d) CK 
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 APPENDIX B  
MATLAB NUMERICAL SIMULATION CODE 
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 %Creating membrane surface 
clear all 
N = 500; 
[X,Y] = meshgrid(1:N); 
% normalized distribution 
%BW30 
%Z = normrnd(0, 38.1*10^-9, [N, N]); 
%XLE 
%Z = normrnd(0.123*10^-9, 105.8*10^-9, 
[N, N]); 
%NF 
%Z = normrnd(1.732*10^-9, 9.2*10^-9, [N, 
N]); 
%CK 
%Z = normrnd(0.018*10^-9, 6.6*10^-9, [N, 
N]); 
 Z = smoothn(Z, 1000); 
 Z=500*10^-9+Z; 
% Graph the surface and put a color bar next 
to it showing the height 
h = surf(X, Y, Z, 'EdgeColor', 'none'); 
colorbar; 
colormap(copper); 
% add data for outside walls 
X2 = [NaN X(1, :) NaN; X(:, 1) X X(:, end); 
NaN X(end, :) NaN]; 
Y2 = [NaN Y(1, :) NaN; Y(:, 1) Y Y(:, end); 
NaN Y(end, :) NaN]; 
zlimits = zlim; 
zmin = zlimits(1); 
topbottom = zmin(ones(1, size(X, 2))); 
leftright = zmin(ones(size(X, 1), 1)); 
Z2 = [NaN topbottom NaN; leftright Z 
leftright; NaN topbottom NaN]; 
% draw a wall outside of the surface 
%set(h, 'XData', X2, 'YData', Y2, 'ZData', 
Z2); 
 
 
% Simulation based on mass transport 
principle 
clear all; 
n=1000; 
%WMTC for Train C 
%kw=0.1234 * 
0.003785/(0.092903*24*3600); 
%kw=0.1596 * 
0.003785/(0.092903*24*3600); 
kt=0.01; 
%Ds for Train C 
%Ds=1.31*10^-12; 
rou=997;  
miu=0.89*10^-3; 
%Di=1.27*10^-9; 
% membrane dimension for CPA3 
% Li=0.782*6; 
% L=0.782*6/n; 
% H=0.79/1000; 
% W=0.917*26; 
%membrane dimension for ESPA2-LD 
% Li=0.81*6; 
% L=0.81*6/n; 
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 % H=0.86/1000; 
% W=0.917*25; 
%hydraulic diamter 
dh=2*H; 
%corss flow area 
Ai=W*H; 
%element area for full plant 
%ele_area=37.2; 
% Aj=ele_area*6/n;  
disp('reading data from inputdata.xlsx'); 
[num_input headers] = 
xlsread('inputdata.xlsx', 
'K_2nd'); %#ok<ASGLU> 
% get the number of headers 
h_size = size(headers, 2); 
% !!!! use the headers to generate variables 
in the program !!!! 
% therefore a header of "Cf_A" in the xlsx 
file translates to a variable 
% called "Cf_A" in this file which contains 
the column of data that is 
% underneath it in the xlsx file 
for i = 1:h_size 
    % generate the statement to be evaluated 
    temp = char(strcat(headers(i), 
'=num_input(:,', num2str(i), ');')); 
    eval(temp); 
end; 
disp('reading data from "input for x.xlsx"'); 
[num_input headers] = xlsread('input for 
x.xlsx', 'x'); 
%generate the statement to be evaluated 
temp = char(strcat(headers(1), 
'=num_input(:,1);')); 
eval(temp); 
% clean up variables to save memory 
clear num_input headers h_size i temp; 
disp('computing...'); 
% get the size of the data set 
input_size = size(Cf_A,1); 
output = zeros(input_size, 1); 
% generate 'a' for each set of data 
for main_loop_count=1:input_size 
    Cf = Cf_A(main_loop_count, 1); 
     Qf = Qf_A(main_loop_count, 1); 
     R  = R_A(main_loop_count, 1); 
     Pf = Pf_A(main_loop_count, 1); 
     Pc = Pc_A(main_loop_count, 1); 
     Pp = Pp_A(main_loop_count, 1); 
     Qc = Qc_A(main_loop_count, 1); 
     delp=Pf-Pc; 
     %first stage 
     Z = normrnd(0.2*10^-6, 1.5*10^-7, [1, 
n]); 
     %second stage 
     %Z = normrnd(0.2*10^-6, 3*10^-7, [1, 
n]); 
 %%smooth factor for CPA3/ESPA2 
     %Z = smoothn(Z, 20000); 
     %Z = smoothn(Z, 1000); 
 Ks=Ds./Z; 
     d=mean2(Ks); 
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      B = kw * kt ./ Ks; 
     A  = 1 + kw * dp ./ Ks;      
    % solve nonlinear euqation 
    k=H^2/12/miu*delp/(Qc/Ai)/Li; 
    X(1)=Cf; 
    dp(1)=Pf-Pp; 
    Q(1)=Qf/14; 
    v(1)=Q(1)/Ai; 
    Qp(1)=kw*(dp(1)-kt*X(1))*Aj; 
    r(1)=Qp(1)/Q(1); 
    A(1)  = 1 + kw * dp(1)/Ks(1); 
    Sc=miu/(rou*Di); 
    for i=1:n-1;     
        Q(i+1)=Q(i)-Qp(i); 
        v(i+1)=Q(i+1)/Ai; 
        dp(i+1)=dp(i)-k*12*miu*v(i)*L/(H^2); 
        A(i+1)  = 1 + kw * dp(i+1)/Ks(i); 
        X(i+1)=-(X(i)^2*B(i) - X(i)*A(i) + 
X(i)*r(i) - X(i)*r(i)*A(i) + 
X(i)^2*r(i)*B(i))/(A(i)- X(i)*B(i)); 
        Qp(i+1)=kw*(dp(i+1)-kt*X(i+1))*Aj; 
        r(i+1)=Qp(i+1)/Q(i+1); 
     end; 
        Re=dh*v*rou/miu; 
        Sh=1.86*(Re).^0.33*(Sc*dh/L)^0.33; 
        kd=Di*Sh/dh; 
        Cm=X.*exp(Qp./Aj./kd); 
        Cp=X.*exp(Qp./Aj./kd)./(A-
B.*X.*exp(Qp./Aj./kd)); 
       Qa=sum(Qp); 
       c=sum(Cp.*Qp)./Qa; 
   output(main_loop_count) = c;   
end; 
 disp('writing data to outputdata') 
 %write data to output xlsx file 
 [status, msg] = xlswrite('outputdata.xlsx', 
output, 'MTFDM'); 
 
%Simulation based on HSDM 
clear all; 
n=1000; 
%WTC for Pilot 
kww=0.1709 * 
0.003785/(0.092903*24*3600)*3.2*10^-7; 
rou=997; 
miu=0.89*10^-3; 
%membrane dimension for CPA2-4040-
pilot 
Li=0.782*3; 
L=0.782*3/n; 
H=0.79/1000; 
W=0.917*5; 
% membrane dimension for ESPA2-4040-
pilot 
% Li=0.81*3; 
% L=0.81*3/n; 
% H=0.86/1000; 
% W=0.917*5; 
%hydraulic diamter 
dh=2*H; 
%corss flow area 
Ai=W*H; 
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 %DNa=1.33*10^-9; 
%Ds=1.57*10^-7*3.9*10^-7; %for sodium 
%Ds=1.57*10^-7*2.1*10^-7; %for sodium 
g=1.57*10^-7; %for sodium 
Ds=1.46*10^-7*1.8*10^-7; %for pottasium 
%element area for pilot plant 
 ele_area = 7.9; 
 Aj = ele_area * 3/n; 
 disp('reading data from inputdata.xlsx'); 
[num_input headers] = 
xlsread('inputdata.xlsx', 
'K_1st'); %#ok<ASGLU> 
% get the number of headers 
h_size = size(headers, 2); 
for i = 1:h_size 
    % generate the statement to be evaluated 
    temp = char(strcat(headers(i), 
'=num_input(:,', num2str(i), ');')); 
    eval(temp); 
end; 
disp('computing...'); 
% get the size of the data set 
input_size = size(Cf_A,1); 
output = zeros(input_size, 1); 
% generate 'a' for each set of data 
for main_loop_count=1:input_size 
    Cf = Cf_A(main_loop_count, 1); 
     Qf = Qf_A(main_loop_count, 1); 
     R  = R_A(main_loop_count, 1); 
     Pf = Pf_A(main_loop_count, 1); 
     Pc = Pc_A(main_loop_count, 1); 
     Pp = Pp_A(main_loop_count, 1); 
     Qc = Qc_A(main_loop_count, 1); 
     delp=Pf-Pc; 
     %first stage 
     %Z = normrnd(0.2*10^-6, 1.5*10^-7, [1, 
n]); 
     %second stage 
     %Z = normrnd(0.2*10^-6, 3*10^-7, [1, 
n]); 
 %smooth factor for CPA3/ESPA2 
     Z = smoothn(Z,1000); 
     Ks=Ds./Z; 
     kw=kww./Z;      
     k=H^2/12/miu*delp/(Qc/4/Ai)/Li; 
     X(1)=Cf; 
     dp(1)=Pf-Pp; 
     Q(1)=Qf/4; 
     v(1)=Q(1)/Ai; 
    Qp(1)=kw(1)*(dp(1)-kt*X(1)*327.6)*Aj; 
    r(1)=Qp(1)/Q(1); 
     A(1)  = 1 + kw(1) * dp(1)/Ks(1); 
     Sc=miu/(rou*Di); 
     Re(1)=dh*v(1)*rou/miu; 
     
Sh(1)=1.86*(Re(1))^0.33*(Sc*dh/L)^0.33; 
     kd(1)=Di*Sh(1)/dh; 
     
Cp(1)=Ks(1)*X(1)*exp(Qp(1)/Aj/kd(1))/(Q
p(1)/Aj*(2-2*r(1))/(2-
r(1))+Ks(1)*exp(Qp(1)/Aj/kd(1))); 
   for i=1:n-1;     
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         Q(i+1)=Q(i)-Qp(i); 
        v(i+1)=Q(i+1)/Ai; 
        dp(i+1)=dp(i)-k*12*miu*v(i)*L/(H^2); 
        A(i+1)  = 1 + kw(i) * dp(i+1)/Ks(i); 
        X(i+1)=(Q(i)*X(i)-Qp(i)*Cp(i))/Q(i+1); 
        Qp(i+1)=kw(i+1)*(dp(i+1)-
kt*327.6*X(i+1))*Aj; 
        r(i+1)=Qp(i+1)/Q(i+1); 
        Re(i+1)=dh*v(i+1)*rou/miu; 
        
Sh(i+1)=1.86*Re(i+1)^0.33*(Sc*dh/L)^0.33; 
        kd(i+1)=Di*Sh(i+1)/dh; 
        
Cp(i+1)=Ks(i+1)*X(i+1)*exp(Qp(i+1)/Aj/k
d(i+1))/(Qp(i+1)/Aj*(2-2*r(i+1))/(2-
r(i+1))+Ks(i+1)*exp(Qp(i+1)/Aj/kd(i+1))); 
    end; 
    Qa=sum(Qp); 
    Cm=X.*exp(Qp./Aj./kd); 
     
    c=(sum(Cp.*Qp))/Qa; 
   output(main_loop_count) = c; 
end; 
 
 disp('writing data to outputdata') 
 %write data to output xlsx file 
 [status, msg] = xlswrite('outputdata.xlsx', 
output, 'MTFDM'); 
 
%Simulation of fouling 
clear all; 
n=500; 
dt=12; 
t_f=1180; 
%CeO2 
KW=8.22*10^-6;%XLE  
%KW=3.31*10^-6;%BW30  
%KW=8.66*10^-6;%NF  
%KW=2.17*10^-6;%CA  
%TiO2 
%KW=7.32*10^-6;%XLE  
%KW=2.94*10^-6;%BW30 
%KW=5.61*10^-6;%NF 
%KW=2.17*10^-6;%CA 
%SiO2 
%KW=6.71*10^-6;%XLE  
%KW=3.61*10^-6;%BW30 
%KW=9.87*10^-6;%NF 
%KW=2.13*10^-6;%CA 
kt=0.01; 
%Initial guessing of k1, k2 
k1=0.0003*350;%for CeO2 135 
k2=5.5*10^-4;% for CeO2 135 
%k1=0.028;%for BW30 CeO2 135 
%k2=12*10^-5;%for BW30 CeO2 135 
%k1=0.01*3;%for NF CeO2 135 
%k2=3.2*10^-4;%for NF CeO2 135 
%k1=0.015;%for CA CeO2 135 
%k2=0.9*10^-4;%for CA CeO2 135 
%TiO2 
%k1=0.0003*200;%XLE 
%k2=2.5*10^-4;% XLE 
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 %k1=0.023;%for BW30 
%k2=7.8*10^-5;%for BW30 
%k1=0.014;%for NF 
%k2=0.8*10^-4;%for NF 
%k1=0.015;%for CA 
%k2=0.9*10^-4;%for CA 
%SiO2 
%k1=0.0003*95;%XLE 
%k2=1.21*10^-4;% XLE 
%k1=0.02;%for BW30 
%k2=7*10^-5;%for BW30 
%k1=0.016;%for NF 
%k2=5*10^-5;%for NF 
%k1=0.0011;%for CA 
%k2=0.9*10^-9;%for CA 
rou=997; 
miu=0.89*10^-3; 
%membrane dimension for XLE 
Li=9.207*10^-2; 
L=9.207*10^-2/n; 
H=0.000762; 
W=4.572*10^-2; 
 %hydraulic diamter 
    dh=2*H; 
    %corss flow area 
    Ai=W*H; 
 %element area for full plant 
    ele_area=42*10^-4; 
    Aj=ele_area/n; 
disp('computing...'); 
% get the size of the data set 
    output = zeros(100, 1); 
     Pf=130;%XLE,NF 
     %Pf=260;%BW30 
     Pc=125; 
     %Pc=255;%BW30 
      %Pf=220; 
      %Pc=215; 
     Pp=14.7; 
     delp=Pf-Pc; 
 %Z= normrnd(0.123*10^-9, 105.78*10^-9, 
[1, n]);%XLE 
 %Z= normrnd(-0.00004*10^-9, 
38.126*10^-9, [1, n]);%BW30 
 %Z= normrnd(1.732*10^-9, 9.151*10^-9, 
[1, n]);%NF 
 %Z= normrnd(0.018*10^-9, 6.584*10^-9, 
[1, n]);%CA 
     Z = smoothn(Z, 1000); 
     Z=Z+5*10^-7; 
     %XLE 
     %Z_ini=(500+0.123)*10^-9; 
     %Z_f=7.29*10^-7; 
     %BW30 
     %Z_ini=(500)*10^-9; 
     %Z_f=6.22*10^-7; 
     %NF 
     %Z_ini=(500)*10^-9; 
     %Z_f=5.88*10^-7; 
     %CA 
     %Z_ini=(500)*10^-9; 
     %Z_f=5.2*10^-7; 
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  a=KW*(500)*10^-9; 
     kw=a./Z;     
     Q(1)=378.5*10^-6; 
     k=H^2/12/miu*delp/(Q(1)/Ai)/Li; 
     dp(1)=Pf-Pp; 
     v(1)=Q(1)/Ai; 
 %CeO2 
     %Qp(1)=kw(1)*(dp(1)-24.9)*Aj;%XLE 
     %Qp(1)=kw(1)*(dp(1)-13.9)*Aj;%NF 
     %Qp(1)=kw(1)*(dp(1)-20.8)*Aj;%CA 
 %TiO2 
     %Qp(1)=kw(1)*(dp(1)-19)*Aj;%NF 
     %Qp(1)=kw(1)*(dp(1)-
26.8)*Aj;%BW30 
     %Qp(1)=kw(1)*(dp(1)-25.6)*Aj; %XLE 
     %Qp(1)=kw(1)*(dp(1)-21)*Aj; %CA 
 %SiO2  
     %Qp(1)=kw(1)*(dp(1)-13.5)*Aj;%NF 
     %t(5)=48.2; 
     t(1)=0.2;      
 for j=1:100; 
       t(j+1)=t(j)+dt; 
       %CeO2 
       %osm=25.31 %BW30 
       %osm(j+1)=-
0.66*log(t(j+1))+23.801;%xle 
       %osm(j+1)=-
1.132*log(t(j+1))+12.084;%NF 
  %TiO2 
       %osm(j+1)=-
1.127*log(t(j+1))+17.187; %NF 
       %osm=26.8; %BW30 
  %SiO2 
       %osm(j+1)=-
2.25*log(t(j+1))+22.178; %NF 
       %osm(j+1)=13.5; 
     for i=1:n-1; 
        Q(i+1)=Q(i)-Qp(i); 
        v(i+1)=Q(i+1)/Ai; 
        dp(i+1)=dp(i)-k*12*miu*v(i)*L/(H^2); 
        %A(i+1)  = 1 + kw(i) * dp(i+1)/Ks(i); 
        %Qp(i+1)=kw(i+1)*(dp(i+1)-
osm(j))*Aj; 
        %Qp(i+1)=kw(i+1)*(dp(i+1)-
20.8)*Aj; %CA 
        %Qp(i+1)=kw(i+1)*(dp(i+1)-
26.8)*Aj;%BW30 
        %Qp(i+1)=kw(i+1)*(dp(i+1)-
25.6)*Aj; %XLE 
        %Qp(i+1)=kw(i+1)*(dp(i+1)-
21)*Aj; %CA 
     end; 
       if (j<=11); 
        Z=k1*Qp*dt+Z; 
        %Z=k1/t(j)*dt+Z; 
       else Z=k1*Qp*dt+(1-k2*dt)*Z;    
       end;       
     zz=mean2(Z); 
      kw=a./Z; 
     Qa=sum(Qp); 
   output(j) = zz; 
 end;  
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Figure 1: Diagram of a Spiral Wound Reverse Osmosis Membrane in (a) open construction; (b) 
wound construction, (c) end construction, and (d) cut-away element view (Courtesy of the 
American Membrane Technology Association, Stuart, FL) 
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